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INTRODUCTION

Coal has been used mainly for the generation of electric power to the present time.
Now that critical shortages exist in the supply of natural gas for residential
heating and industrial usage, a broad effort is being made by industry and govern-
ment to develop processes for gasifying coal.l-2/ when these processes are fully !
developed, they will represent a second major source of coal utilization.

In both combustion and gasification, coal is heated to elevated temperatures, and
therefore it inevitably sustains some degree of decomposition prior to or concurrently
with other chemical reactions. In the Bureau of Mines' Synthane process,ézﬂ/ for
example, pretreated coal enters the upper, carbonizing section of the gasifier

where it undergoes extensive thermal degradation to form char. The reaction products
formed at this stage in the process make an important contribution to the overall
performance of the gasifier. ’

For these reasons, research on the devolatilization of coal by rapid heating has
been a part of the Bureau's program on gasification. The results presented in
this paper represent a continuation of preliminary work that was reported earlier.é/

EXPERIMENTAL

Single pulses of electrical current provide high-speed heating that is needed

to measure the thermophysical groperties of solids at elevated temperatures,S:

and of metals in particular.Z:_/ This technique, termed pulse heating, was adopted
for devolatilizing coal in the present study. Coal samples were decomposed in vacuo
in order to collect and identify the gaseous products. OQuantitative measurements
of the resultant weight loss of sample after rapid heating, served as a measure of

the total volatiles evolved from the coal. ) '\

The reaction vessel was essentially a 29/42 tapered ground glass joint sealed on

to a pumping system. Suitable vacuum gages, manometers, gas sampling and storage

bulbs were attached to the reactor. Total volume of the reactor, including the

sampling bulb, amounted to 418 em.3  Number 10 copper wires entered the reactor

through Kovar-pyrex seals. These copper electrodes terminated in spring clamps

which supported the heating element containing the coal sample. Resistive heating

elements were made in the form of long, thin cylinders by wrapping 400 mesh stainless \\\
steel screen on a mandril. Dimensions of the cylinders were 6 cm in length and 1.2 mm

in diameter. In preparation for pulsing, the open ends of the cylinder were completely

closed, and the flattened ends inserted into the jaws of the spring clamps.

Current was supplied to the wire screen heating elements by a current controller.
This device was an electronic circuit designed to set the initial current flow at
a desired value and to allow the current to increase in a predetermined way. Shaping
of the current pulse was necessary to compensate for increase in electrical resistance
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of the wire and also for radiant heat losses at high temperatures. Typical
current values were in the range 15-20 A. The current controller was triggered
by a preselected pulse coming from a General Radio unit pulse generator, and
current flow continued only for the duration of the timing pulse. Pulse times ex-
tended from 65 to 155 msec. A 0.1 R resistor in the current controller converted

the current pulse to a voltage pulse which was displayed on a storage-type oscilloscope.

Precise values of current and time were measured from the oscilloscope trace.

Coal samples were prepared by cutting out vitrains from lumps of coal. Further up-
grading of the vitrains was accomplished by microscopic examination in which coal
particles with adhering mineral matter were discarded. Vitrains were chosen for
study because they constitute the most abundant d homogeneous component of coal
and because they are also low in mineral matter.Z It is seen from table 1 that the
ash content was less than 2 percent in the Pittsburgh coal and less than 1 percent
in the other coals used. A low mineral matter content in the vitrains was desired
to awvoid ambigquities in the data from possible pyrolysis of mineral matter. The
vitrains were ground to a particle size range of 44-53 ym for use in the experiments.

Coals were selected to encompass a rather wide range of rank and volatile matter.
Bituminous coals ranged in rank from hvCb to lvb; one subbituminous coal was also’
studied. Their proximate analyses are given in table 1.

Table l.--Proximate analyses of vitrains.

Proximate analysis, percent (mf)

Fixed Volatile
Coal source Rank carbon matter Ash
Pocahontas No. 3, 1vb 82.4 16.8 0.8
W. Va.
Lower Kittanning, mvb 73.8 25.3 0.9
Pa.
Pittsburgh, hvAb 63.1 35.1 1.8
Pa.
Colchester Illinois No. 2, hvCb 51.1 48.0 0.9
Ill.
i .« 7= Sub A . . .
Roﬂ§d§pr1ngs No. 7-1/2, 61.7 37.7 0.6

The temperature attained by the wire screen heating elements was related to
the time of current flow by a calibration method. Trial and error determina-
tions were made of the times required to melt pure metal powders of like
particle size and amounts as the coal. A number of calibration points were
thus established, and it was shown that the temperature at the end of the
current pulse was proportional to the time of current flow in the region to
1450° c. The heating rate was therefore constant, and it was determined to
be 8250° C/sec.
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The experimental procedure for devolatilizing coal samples may now be described.
A new (unheated) screen cylinder, containing no coal, was pulsed to 900° C in
the reactor which had previously been evacuated. Pre-firing of the screen
cylinders is essential because they undergo significant weight losses when

they are heated for the first time. Such losses would interfere with measure-
ments made on the coals. However, after the initial heating of a screen
cylinder, its weight remains demonstrably constant in further tests. A prefired
screen was weighed precisely on a Cahn RG microbalance; approximately 250 ug of
coal were inserted into the cylinder, and the combined weight of the screen
cylinder and coal sample was again determined precisely on the balance. The
weighed coal sample and heating element were placed in the reactor and pumped
until the system pressure was reduced to 10~3 torr. When this reduced pressure
was attained, the coal sample was pulse heated to a given temperature. After
devolatilization occurred, the coal residue and screen were removed from the
reactor and reweighed.

The volume of gases generated during devolatilization was determined from the
pressure increase in the reactor. Mass spectrometric analyses of the gases
were made at many, but not all, of the different test conditions. In this
way, the weight of the gases produced by rapid devolatilization of coal was
ascertained.

RESULTS AND DISCUSSION

The devolatilization behavior of bituminous coals under rapid heating conditions
is shown in fiqure 1. This figure presents the weight-loss curves of four
bituminous coals of different rank over a temperature region from 400° to

1150°© C. All of the weight-loss curves have a characteristic shape in common,
although they differ in detail. For most of the coals the reaction threshold
occurs at 400° C, followed by very rapid decomposition to 600° Cc. Production
of wolatile reaction products reaches a peak at relatively low temperatures of
700° to 900°, a finding that should be of considerable importance to those
engaged in design of coal gasification equipment. At still higher temperatures
the declining trend in the formation of volatiles reverses, and starts to in-
crease again at the highest temperatures of this study.

Some discussion of the low temperature peak in wolatile production from
bituminous coals is merited because this phenomenon does not occur during

slow heating. In the latter case the weight loss increases monotonically with
temperature.lgf The broadest peak is exhibited by the Illinois hvCb coal which
has the highest volatile matter content among the coals studied (see table 1)}.
With regard to the higher rank bituminous coals, the peaks become progressively
less intense with increase in rank, and the peak position shifts to higher
temperatures. 1In all instances the volatile yield corresponding to the peak

in the weight-loss curves was greater than the wolatile matter in the coal
determined by the ASTM standard method of analysis. These results are demon-
strated by the data in table 2, which show that the yield of total wolatiles

may be increased as much as 36 percent by rapid heating. Supportive evidence for

‘increased yields of volatiles is found in other rapid heating studies.l1-12/
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Consideration of the )
/cited studies in conjunction with our own leads to the conclusion that the

ratio of total volatiles from rapid heating to ASTM volatile content depends

not only on the rank of coal, as shown in table 2, but also on the magnitude

of the heating rate. One suggested explanation for the appearance of maxima

in the weight-loss curves is that of competitive reactions. For example, the
bond-breaking reactions that occur in the coal structure and give rise to
initial decomposition fragments may well have different temperature dependencies
from those of recombination reactions that may form molecules more stable than
the parent coal.

Table 2.--Increased volatiles from rapid pyrolysis.

Volatile matter content

by ASTM from peak Increase
Coal source analysis weight loss factor
Pocahontas No. 3 16.8 18.5 1.10
lower Kittanning 25.3 30.8 ] 1.22
Pittsburgh 35.1 47.9 1.36
Colchester Ill. No. 2 48.0 55.8 1.16
Rock Springs No. 7-1/2 37.7 42.4 (plateau) 1.12

In contrast to the results obtained with bituminous coals, the weight-~loss

curve of subbituminous coal exhibited no peak; instead, it reached what might

be called a plateau in figure 2. From 800° to 1000° C the wolatile yield re-
mained level at about 42 weight percent of the coal. Beyond this region the
production of wolatiles increased sharply. The fact that the dewvolatilization
curve of subbituminous A coal differs distinctly from those of bituminous

coals indicates a need for more work with other subbituminous coals and
lignites. Low rank materials such as these are of interest in coal gasification
because their reserves are abundant and because they are situated in deposits
with shallow ground cover.

The gases arising from rapid pyrolysis of coal vitrains have been examined by
mass spectrometric analysis. The major components in the gas are H,, CHy and CO.
Lesser amounts of CO, and the higher molecular weight hydrocarbons %up to Cg)

are also present. Hydrocarbons are present as both saturates and unsaturates
with the notable exception of acetylene. Traces of aromatics such as benzene,
toluene and xylene are found as well as sulfur in the form of H,S. The absence
of acetylene, which has been found in appreciable quantity in some rapid heating
processesl3'14/ is most likely due to the lower temperatures and lower heating
rate employed in our experiments.
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Temperature profiles of the individual gases from pyrolysis of Pittsburgh

vitrain are shown in figure 3. Here it is seen that the molar percentages

of C02, CH4 and the Cy=C4 hydrocarbons decrease with increasing reaction
temperature. The functional dependence of H, and CO on temperature is more
complex. H2 production starts at 31.5 mole percent at 700° c and increases

to a maximuh valus of 67.0 percent at 990° C. Purther increase in temperature
causes a small but real decrease in its concentration. CO concentration changes
in an opposite manner to H,. A minimum CO value of 12.0 mole percent is achieved

at about the same temperature at which the maximum H, concentration occurred.

The gas composition data are given on a Hzo-oz-Nz-free basis,

In addition to the gases produced by rapid dewolatilization of coal, heavier
products, referred to as tar, also forma This material condenses on the

walls of the reactor and is visible as/brown stain on the glass. Because the
quantity of tar from a single experiment is so small, it has not been measured
nor has it been chemically analyzed. However, the quantity of tar can be
obtained indirectly by subtracting the weight of the gases from the total
volatiles, i.e. the weight loss of the coal. Results of such calculations

for Pittsburgh vitrain are shown in figure 4 in which the experimentally
determined curves for "total volatiles"” and for '"gas" have first been drawn.

The curve for "tar" is of course determined by the difference calculation. The
curves show that tar formation is favored by low decomposition temperatures and
that tar is in fact the main product at all temperatures up to 1000° C. BAbove
1000° the amount of gas exceeds the amount of tar even though the total volatile
yield is still below the peak yield obtained at 700° C. Further correlations of
product yields with rank and temperature parameters have been made and will

be published later.
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Figure 1.--Devolatilization of bituminous coals by rapid heating.
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Figure 2.--Dewolatilization of a subbituminous coal by rapid heating.
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Figure 3.--Composition of gas from devolatilization of Pittsburgh hvAb coal.
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PRODUCTION OF LOW BTU GAS
INVOLVING COAL PYROLYSIS AND GASIFICATION

C. Y. Wen, R. C. Bailie, C. Y. Lin and W. S. O'Brien

Chemical Engineering Department
West Virginia University
Morgantown, West Virginia 26506

INTRODUCTION

Coal burning is a "dirty" process, with the major pollution culprits
now considered as being solid flyash particulates and sulfur dioxide.
More than likely, nitrogen oxides and other undesirables will come under
attack after the SO; and flyash problems have been satisfactorally controlled.
(Jimeson, 1972) Because coal is currently the most plentiful source of
energy, the combined efforts of industries and governmental agencies are
urgently needed to develop economical, efficient and acceptable methods
to convert coal into clean electrical power.

In this paper, we are presenting a scheme to pyrolize caking coal in
a fluidized bed, some experimental data, a pyrolysis-gasification reaction
model and a conceptual flowscheme for a process to convert coal into electricity
via the production of low-Btu gas. Although the experimental data presented
here are not comprehensive, we hope to explore some of the alternatives
involved in such a manner as to recognize the most efficient ways to maximize
the coal-utilization efficiency.

EXPERIMENTAL

Equipment

An experimental 15-inch diameter fluidized bed was used at West
Virginia University for the study of the pyrolysis of coal and other carbo-
naceous compounds. The schematic of the pilot-plant fluidized bed reactor
and its auxiliary equipment is shown in Figure 1.

There are three sections to the fluidized bed reactor. The hot bottom
is a mixing and gas combustion chamber where the fluidizing gases are pre-
heated by burning natural gas (over 90% methane) inside the L-shaped
chamber. The fluidizing gases are composed of specific ratios of the
combustion products of the natural gas and additional air.

. Between the gas combustion chamber bottom and the reactor bed
section is the high-temperature grid plate. This gas distribution plate
is 1/4 inch thick, 18 inches in diameter and made of Type 310 stainless
steel. There are 584 holes in a square pattern located on 1/4 inch centers.
Each hole is 0.0960 inches in diameter.
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In the middle of the reactor is the fluidized bed. This reactor

section has a 28-inch outside diameter and a 15-inch inside diameter. The
insulation lining is 4 1/2 inches of Type 1620-K fire brick (Babcock and
Wilcox Company, Augusta, Georgia) and 2 inches of "Plicast Tuff-Mix"

castable refractory (Plibrico Company, Chicago, Illinois). The height of
this section is eight feet. Above the fluidized bed section, the reactor
diameter expands to a 35-inch outside diameter and a 22-inch inside diameter.
This particle disengaging chamber 1s four feet high and is lined in the’

same manner as in the fluidized bed section.

After leaving the reactor, the effluent gases are cooled and then
cleaned by passage through either a canister-type nylon-bag filter or a
dry-gas cyclone (10 inches diameter and 22 inches in length). Before being
finally exhausted to the building exterior, the effluent gases are scrubbed
in a series of two wet scrubbers, the first being a tray-type and the second
scrubber being packed with one-inch "Intalox Saddles' (U. S. Stoneware,
Akron, Ohio). :

The solids are fed into the fluidized bed by means of a screw conveyor
having a specially designed feeder valve. The feed location is five inches
above the gas distribution plate through a 6-inch flanged port in the wall
of the reactor. The 2 1/2 inch screw is constructed of carbon steel with
a Type 310 stainless steel coating on the wearing surfaces. The construction
details of this feeder and the auxiliary solid feed hopper system have
been described by Burton and Bailie (1973). The feeding unit has
performed successfully in feeding 15 to 60 pounds of solids per hour smoothly
into the fluidized bed.

The gases leaving the fluid-bed reactor are sampled every five
minutes and analyzed by a Bendix 'Chroma-Matic" Model 618 Process Gas
Chromatograph (Process Instruments Division, The Bendix Corporation,
Ronceverte, West Virginia). This unit quantitatively analyzes the gas for '
Hp, COp, CO, CH, and Op/Argon. The Oj/Argon value is the additive sum
of the oxygen and the argon compositions, since the gas chromatograph peaks
of both components are identical when using a molecular sieve column.
Periodically, grab-samples of the effluent gases were withdrawn and analyzed
on a Beckman GC-2A Gas Chromatograph and a Fisher Scientific Company Gas
Chromatograph for the gas components listed above, plus acetylene, ethylene,
ethane and nitrogen.

Operating Procedure

The reactor is filled with 0.025 inch diameter sand to a collapsed
bed height of 30 inches. The gas velocity through thé bed is maintained at
a level where a good fluidization of the sand is assured, and then the bed
is heated up to the pre-selected temperature (1840°F) by the combustion
of methane in the bottom section of the reactor. The operating conditions in
the reactor are summarized in Table 1.
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TABLE 1

OPERATING CONDITIONS FOR
FLUIDIZED BED PYROLYSIS REACTOR

OPERATING TEMPERATURE 1400 - 1900°F

OPERATING PRESSURE 0 - 10 psig ‘
COLLAPSED BED HEIGHT 2.5 feet |
EXPANDED BED HEIGHT 3.5 - 4 feet

AVERAGE PARTICLE SIZE OF SAND 0.025 inches

DENSITY OF SOLID SAND PARTICLE 100 pounds/cubic feet

SUPERFICIAL FLUIDIZING GAS VELOCITY 1.5 feet/second

After the bed reaches the desired temperature, the rate of air
to the methane burner and the rate of inert gas flow are adjusted to give
the oxygen level and gas flow rate specified in the experimental plan. The
reactor system 1s then allowed to come to steady-state conditions as judged
by a leveling of the effluent gas composition as read on the continuously
operating process gas chromatograph and by constant bed temperatures.

The test begins by slowly introducing the solid feed into the bed
via the screw feeder. The bed temperature immediately drops because of
the sensible heat required to heat the solid to the reaction temperature
plus the heat of pyrolysis. The solid feed rate is carefully adjusted so
that the bed temperature does not drop below the desired 1400-1500°F
range. The reaction system is then allowed to come to a new steady-state
condition with a constant solids feed rate, and the feed rate of the solids
1s then determined by weight difference.

Experimental Data \»

The results of the coal and sawdust pyrolysis experiments are re-
ported here. The composition of these two solid feed materials are listed
in Table 2. Four tests were made with sawdust and one test using coal. In
addition, several types of carbonmaceous solids were pyrolyzed in the fluidized
bed, including municipal solid waste, chicken and cow manure, rubber, plastic, and
sewage sludge.

TABLE 2 BITUMINOUS
SAWDUST COAL N
COMPOSITION OF SOLID FEED MATERIAL
MOISTURE (Weight %, Wet Basis) 2.62 . 3.42
ULTIMATE ANALYSIS (Weight %, Dry Basis)
CARBON 47.20 73.3 ~
HYDROGEN 6.49 5.34
OXYGEN - 45,34 10.23
SULFUR - 2.80
NITROGEN - 0.70
ASH 0.97 7.57
HEATING VALUE (Btu/Dry Pound) 8114 13,097
PARTICLE SIZE (Harmonic Mean Diameter) 603 504 {

1n microns
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As described previously in this paper, in the course of the reaction
test there were two periods of steady-state reactor operation, the first
period just before the solid is introduced into the fluid bed, and the
second period happening during the constant-rate solids feeding. 1In the
case of all five tests, the reactor operation just prior to feeding the
solids were identical, as listed in Table 3.

TABLE 3

OPERATING CONDITION VALUES
DURING PYROLYSIS EXPERIMENTS

INLET FLOW RATE OF AIR: 35.26 SCFM

INLET FLOW RATE OF NATURAL GAS: 3.40 SCFM

REACTOR TEMPERATURE PRIOR TO FEEDING SOLIDS: 1840°F

DRY COMPOSITION OF GAS EXITING REACTOR BEFORE SOLIDS FEED IS STARTED

Hy - 0.1123% €Oy ~ 10.1674%
0,/Argon - 1.1808% CHy - 0.0726%

remainder is assumed to be No

STEADY-STATE CONDITIONS DURING SOLIDS PYROLYSIS

COAL SAWDUST TESTS
TEST A B c D
Operating Time Under
Steady-State Conditions 155 86 75 70 577
(Minutes)
Reactor Temperature, °F 1430 1430 1460 1450 1500
Solids Feed Rate

(Dry Pounds/Minute) 0.336 0.368 0.122 0.682 0.342

After the solids were fed into the reactor and after the system
again reached steady-state conditions, the effluent gas was analyzed, with
the resulting effluent gas composition values for each of the five experiments
given in Table 4.
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TABLE 4

PERCENT COMPOSITION OF EFFLUENT GAS (DRY)
DURING PYROLYSIS EXPERIMENTS

COAL SAWDUST TESTS
TEST A B c D
MEASURED BY PROCESS
GAS CHROMATOGRAPH
Hy 4,954 4.577 2.498 6.030 5.208
€0, 11.288 12.180 12,108 12.237 11.468
OZ/Argon 0.885 0.810 1.070 0.825 0.934
CH, 1.790 2.235 0.318 3.305 1.850
co 2.244 7.543 2.206 11.498 7.565
MEASURED BY RESEARCH
GAS CHROMATOGRAPH
CpHy 0.215 0.532 0.068. 0.960 0.557
CoHy ™ WM W™ 0.073 0.047
CoHg - 0,113 0.113 0.035 0.159 0.055
N, 73.451  73.451 80.783 66.745 73.527

W™ - Not Measured

The composition values of C0;405/Argon, CO, CH;, and H, were averaged
from the analysis readings of the process gas chromatograph,and the composi-
tion values of CpHp, CoHy, CoHg and Np were averaged from the analyses

by the research gas chromatographs of several grab samples taken during the
duration of the test.

Using these experimentally measured gas analysis values, a mass
balance was computed about the reactor system using the nitrogen flow rate
as the calculation base. The mass balances were quite good considering
the 2-5% accuracy of the flow-measuring meters and analytical instruments.
The gas produced from the coal or sawdust pyrolysis is considered to be the
net gas flow rate value, after subtracting the volumetric flowrate of the
effluent gases prior to feeding the solids from the flowrates of the gases
leaving the reactor during the solilds pyrolysis reaction. These computed

"Pyrolysis Gas Production Values' for the five experimental runs-are listed
in Table 5.
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TABLE 5

COMPUTED PYROLYSIS GAS
COMPOSITIONS AND PRODUCTION RATES

PYROLYSIS GAS

COMPOSITION COAL SAWDUST TESTS

(Volume % dry) TEST A B < D
Hp 46.876 25.645 37.493 23.592 30.022
C02 11.685 14.965 24,256 14.075 11.105
CH4 16.630 12.427 3.724 11.880 10.483
Cco 21.722 43.264 33.824 45.714 44,513
CoHy : 2.081 3.050 1.043 3.817 3.277
CoHy M M NM 0.290  0.277
C2H6 1.007 0.648 0.537 0.632 0.324

PRODUCTION RATE
(SCF/Pound Dry

feed) 10.92 18.25 18.20 15.95 18.62
GAS HEATING VALUE
(Btu/SCF) 435 398 286 412 399
NM - Not Measured

The results of these experiments indicate that coal can be
pyrolyzed to yield 10.92 SCF of a 435 Btu/SCF gas per pound of dry feed.
Similarly, one pound of dry sawdust can be pyrolyzed into 18.29 SCF of
a 398 Btu/SCF pyrolysis gas.

ASPECTS OF A PYROLYSIS REACTION MODEL

Generalized Criteria for a Coal Pyrolysis Model

When a coal particle is pyrolyzed, the following products are
generally found: gases such as CO, H,, CH4, CoHy, CoHg, COp4etc., con-
densible liquid hydrocarbonssuch as bé&nzene,toluene, etc., aqueous
compounds and solid char. When designing a coal conversion plant, one may
design the reactor system to maximize the production of the gaseous
hydrocarbon, the liquid hydrocarbon, or the char products. The slot-type
coke oven is deliberately designed to maximize the char production by
allowing the volatile gases to evolve slowly from the solid phase without
exterior gas purging, thereby prolonging the gas-solid contact time.

Upon heating coal becomes softened and forms a metaplastic with

simultaneous devolatilizations of vapor pushing surface bitumen from
interior of particle. 'If heating rate 1s rapid, this phenomena is so
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violent that the particle literally bursts and develops a golid with a large surface

area solid mass. If the heating rate is slow, the products during pyrolysis
tend to repolymerize into large, more thermally stable molecules of solid
matter that are retained in the interstices of the residual char particle.
At high temperatures, the products of pyrolysis are lower in molecular
weight than those produced at lower temperatures.

The maximization of the condensible hydrocarbon production is
reached when the evolved volatile product is quenched or cooled rapidly
after leaving the solid phase, allowing a minimum of time for the larger
molecules to thermally decompose into the lower molecular weight gases.

In converse, the synthesis gas production is maximized if the volatile
hydrocarbon products are held at a high temperature for a prolonged period
of time. This exposure to high temperatures will crack the tars and other
condensible molecules to lower chain aliphatics - CHg, C2H6, C3H8, etc.
The pyrolysis reaction mechanism has been discussed by a number of inves-
tigators. (Burton and Bailie (1972), Petersand Berthing, (1964), Kertamus
and Hill (1964), Jones (1964), Kirov and Stephens (1967), and Squires
(1972). Squires cites experimental data reported by Schroeder (1962)

in which coal, catalyzed with 1% molybdenum and in a hydrogen atmosphere
at 800°C yielded a 42.2% 1liquid hydrocarbon fraction after a 5 second gas
residence time, a 23% liquid fractilon yield after a gas residence time of
10 seconds, and, after a 25 second residence time of the gas, the liquid
fraction yield was only 9.9%.

Although the liquid fraction was not collected in the experiments
while feeding coal or sawdust, a liquid fraction and a char fraction was
collected while pyrolyzing a municipal solid waste mixture. The liquid
fraction was analyzed as representing 7,0% and the char fraction was 13.5%
(moisture and ash-free weight basis) of the inlet solid feed. This contrasts
with the data reported by Sanner, et al. (1970), who destructively distilled
a municipal refuse in a retort, constructed to simulate a coke oven process.
They found that at 900°C, the liquid fraction from the refuse was about
47% and the char fraction was close to 9%. The equipment used by Sanner,
et al., allowed the effluent gases to be cooled immediately after leaving
the retort, while the exiting gases were held for more than 8-10 seconds
at close to the reaction temperature after leaving the pyrolysis zone of
the fluid bed reactor, thus accounting for the condensible hydrocarbon
fraction from the fluid bed being a 40% smaller value.

In Figure 2, the final conversion of coal attainable as a function
of overall heating rate is shown. This figure indicates that rapid heating .
of the coal avoids the polymerization reaction which can turn the coal to
stable char before volatile matter is evolved. Since the objective is to
"cream off" the coal to obtain as high heating value gas as possible, a
temperature of approximately 1400-1500°F was selected for experimentation.
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Mathematical Model for Coal Pyrolysis Reaction

A mathematical model is formulated here based on an assumption that
the weight loss during pyrolysis reaction is closely related to heating
rate of the coal particle, while the products distribution is primarily
determined by the vapor residence time.

A heat balance on a pyrolyzing coal particle may be written as:

2

3T .2 31y _3 - 3T
ks(g;T + < 5;) i(rate)(AH) = pSCps S (1)

where rate = 225 Q% = k(f - X)

The rate of pyrolysis is assumed to be proportional to the amount
of unconverted portion of coal which will eventually be distilled’ off at the
given condition. Thus, f, the final conversion attainable is a constant
which depends on reactor temperature and type of coal employed, as shown
in Figure 3. Equation (1) can be solved numerically based on the following
boundary conditions:

pstSR . dTs
3

r = R, (rate) (AH) + Tt

= h(Ty - Tg)

oT _
& -0 7 (2)

=
I

t =0, T=T, and X = O

The heat transfer coefficient for the particle includes convective,
conductive and radiative heat transfer. The heat of reaction for pyrolysis
is normally rather small, roughly 300 Btu/pound coal. Thus, if the term
associated with heat of pyrolysis is neglected, the solid temperature can
be approximately related to time as:

(Tp+T) (Tb-To) ~1 Tp (T-To) 3h
e tan =

(Tp-T) (Tp*To) Ty, 24+TT, psCPSR

1/2 - 1n t (3)

When coal particles are blown into a hot fluidized bed, the heat
transfer coefficient is so large (approximately 25 Btu/hr £t2°F) that
the particle reaches bed temperature within a few seconds as shown in Figure 4.

The calculated temperature and time relation for fluidized bed
pyrolysis at the bed temperature of 1450° ~ 1500°F is shown for bituminous
coal of present study and Elkol coal reported by Jones, et al. (1964). The
calculated conversion uging a kinetic rate constant, k = kg exp(-E/RT), where
ko = 1.224 x 103 lb/(ft2 hr) and E = 2100 Btu/lb-mole (4.6 Kcal/mole), is
presented in Figure 5.
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CONCEPTUAL FLOWSCHEMES OF LOW-BTU GAS FROM COAL
AND SUBSEQUENT ELECTRICITY CONVERSION PROCESSES

A number of conceptual designs have already been proposed to
convert a low-Btu gas and then coal into electrical power efficiently and
cleanly. A modification of the Bituminous Coal Research's high-Btu
"BI-GAS" Process two-stage gasifier has been proposed to utilize air instead
of pure oxygen and to operate the gasifier at 300 psig. BCR concluded that
an in-plant coal gasification process may compare favorably with other
environmental control concepts (such as tail-end SO; removal), if the total
~ coal-to-electricity process were to be re-designed into an optimal system,
(Bituminous Coal Research (1971)).

In this section we intend to describe a conceptual process
alternative based on the experimental data presented in the previous
section, and to use this flowscheme to show that there will be a distinct
advantage in considering a two-step coal gasification subsystem. In
the first step, the coal 1s pyrolyzed to release the larger molecule
hydrocarbons, such as methane, ethane, propane, etc., which Arthur
Squires calls the "cream' of the decomposition products of the coal '
"molecule" (Squires (1972)). The second-step gasifier vessel reacts the
residue pyrolysis char with steam and air to form the gas containing Hj,
CO0, COy etc., that is needed to fluidize the pyrolyzer.

The two processes compared here are illustrated in Figures 6 and
7. In Figure 6, the '"one-step" Coal Gasifier is illustrated, in which
the raw coal is fed directly into the high-temperature (1900°F) synthesis
gas generator operating at 150 psig. There, the coal is directly gasified
with air and steam to produce a stream of Hoy, co, Hp0, CO,, CH4, H2S and
Ny. This product gas is cleaned of the H7S and other impurities and is then
burned in a combustion chamber. The effluent gases from the combustion
chamber are then sent through a combined gas turbine - steam turbine cycle.
The coal would have the same composition as was used in the present pyrolysis
experiments (Table 2). 1In this model, the gasifier system was assumed to
operate adiabatically, the gases - Hp, CO, CO2, Hp0 - are assumed to emerge
from the reactor in the same composition ratio as the equilibrium composition
of the water-gas-shift reaction, and the carbon-steam reaction products are
at a 20% approach to thermodynamic equilibrium.

The "Two-Step Coal Pyrolysis-Gasifier" is illustrated in Figure 7.
The raw coal is fed to the fluidized bed where the pyrolysis of the coal
takes place at 1400°F. It is conservatively assumed that there are no
chemical reactions between the fluidizing gases and the volatilized coal-
pyrolysis product gases. It is also assumed that the product gases evolved
from the coal pyrolysis reaction are produced at the same rate and in
the same composition as was produced in the experimental bed described
in the previous section. The char separated from the effluent gas is then
reacted with air and steam to produce the fluidizing gases for
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coal-pyrolyzer. A smail amount of raw coal must be added to the char feed

to the gasifier in order to maintain the 1900°F gasifier temperature and to
produce enough gas to fluidize the incoming coal in the pyrolyzer. The

gas produced in this two-stage gasification system is then purified to

remove the sulfur and other undesriable compounds, and 1s then burned in the
combustion chamber with the combustion gases processed to generate electricity
in the same gas- and steam-turbine system as described previously.

In Table 6 effluent gas compositions from pyrolyzer and gasifier
are listed respectively.

TABLE 6
COMPOSITIONS OF EFFLUENT GASES FROM PYROLYZER AND GASIFIER

C02 Cco Hz Hzo CH4 C2H2 C2H6 st N2
GASIFIER| 1.00 34.77 9.34 0.51 0.20 - - 0.82 53.36
PYROLYZER 3.19 31.54 16.95 1.78 3.59 0.43 0.21 0.64 | 41.68
I

As can be seen in Figure 8, the "Two-Stage Pyrolyzer—Gasifier" System
generates electricity with a 27 or better thermal efficiency than does the
"Single-Step Coal Gasifier System''. The thermal efficiency 1s defined as
the heat equivalent of the product electricity generated divided by the
heat of combustion of the inlet coal feed.

The electricity generating ability of the present day gas turbines
are limited by the temperature of the inlet gases, the maximum allowable
operating limit of around 2000°F governed by the thermal tolerance or the
turbine construction metal. Figure 8 indicates the effect that a 200°F
higher inlet gas temperature will make on the overall process efficiency.

A very important system design'consideration is the degree of carbon
utilization in the synthesis-gas generator. An increase of 5% carbon
utilization in the gasifier implies an increase of approximately 2% overall
plant thermal efficiency.

CONCLUSION
Experimental data of coal pyrolysis in a sand fluidized bed indicates

that it is possible to extract considerable amounts of hydrocarbons
from the caking coal by a rapid heating and subsequent cracking in the vapor
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phase. This is done by blowing pulverized coal into a fluidized bed of

hot sand and elutriating the char along with gaseous product from the fluidized

bed. The extremely good heat transfer of the fluidized bed provides the rapid

heating required for this process. In this manner, the valuable hydrogen

in coal is extracted either as free hydrogen or as hydrocarbons in the gas t
phase product. A conceptual scheme is presented which utilizes the product
char to generate synthesis gas by gasification with air and steam for use

in the pyrolyzer. The thermal efficiency calculated based on the two stage ‘
process with the combined gas and steam turbine cycle shows that this scheme

is a promising way to produce clean power from coal.
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NOTATION

Cps

E

e

rate

Heat capacity of solid
Activation energy

Final conversion attainable

(Btu/1b)

(Btu/mole)

Heat transfer coefficient, include convection and radiation

Rate constant

Frequency factor

Thermal conductivity of particle
Radius of particle

Gas constant

Reaction rate

Radial distance in particle

Solid temperature at r = r

Room temperature

Bed Temperature

Surface temperature of Solid particle
Solid residence time

Solid conversion, dry-ash-free basis

Solid density
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(Btu/ft2-hr~°R)
(1b/ft2-hr)

(1b/ft2-hr)
(Btu/ft-hr-°R)
(ft)
(Btu/mole-°R)
(1b/ft2-hr)
(em)

(°R)

(°R)

(°R)

(°R)

(hr)
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FIGURE 4

CALCULATED PARTICLE TEMPERATURE AS A FUNCTION OF TIME FOR PYROLYSIS
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CALCULATED PARTICLE VOLATILE MATTER CONVERSION AS A FUNCTION OF TIME
FOR PYROLYSIS REACTION IN FLUIDIZED BED SYSTEMS
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DEUTERIUM AND CARBON-13 TAGGING STUDIES OF THE PLASMA PYROLYSIS OF COAL

V.J. Krukonis and R.E. Gannon
AVCO Corporation S/D
Lowell Industrial Park
Lowell, Massachusetts OL851
M. Modell
Massachusetts Institute of Technology

Department of Chemical Engineering
Cambridge, Massachusetts

INTRODUCTION

High temperature arc or piagma pyrolysis of coal produces acetylene as the
principal hydrocarbon preoduct™~~. Furthermore, yields of acetylene in a hydrogen

atmosphere are enhanced a factor of three over those achieved in an argon atmosphere.

Consistent with the experimental results, thermodynamic data show that acetylene

is the only stable hydrocarbon molecule aboge lSOOOC, and below about 1200°C its
thermodynamic stability decreases rapidly7: :9; experimental evidence also supports
that high temperature acetylene-containing hydrocarbon streams must be quenched
rapidly in order to prevent decomposition to carbon blackO.

During the duration of a program to convert coal to acetylene carried out at
Avco/Systems Divisions Laboratories, a number of high temperature arc reaction
concepts were tested., The initial conversion scheme utilized coal as the
consumable anode of a DC arc, and the process schematic is shown in Figure 1.
The consumable anode pyrolysis of coal has been described in detail in Reference 5,
but here, briefly, crushed coal, typically 10-20 mesh, is fed into an electrical
discharge sustained between a graphite cathode and the coal at a feed rate
consistent with the surface pyrolysis rate. The rapid heating occurring at the
surface pyrolyzes the coal, and the hydrocarbon products formed are quenched
downstream of the arc zone by injecting a gas in order to preserve the acetylene
produced in the discharge region. The solid residue, consisting of char and
any unreacted coal, spills over the sides of the anode feed tube.

A schematic diagram of the experimental reactor showing the coal feed tube,
gas quenching ports, and the product sampling positions is given in Figure 2.
The gas sampling tubes were located at sequential positions downstream of the arc
zone in order to determine if any acetylene decomposition were occurring in the
gas stream. Simultaneous sampling at all three positions shown in Figure 2
produced identical results (although probing of the high temperature arc zone
with a small diameter, water-cooled tube produced higher acetylene concentrations
indicating that some decomposition was occurring even before the gas reached the
first sampling position; the yield and decomposition data that are reported sub-
sequently were obtained from downstream sampling positions and, thus, are not
confused with ultra~high quench rate ambiguities).
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Hydrocarbon product analyses were carried out on an F8M TOO chromatograph using
a Porapak Q column and a flame ionization detector. (Other gases such as CO, HoS,
COS, CSp, etc., were determined on a F&M 720 thermal conductivity chromatographic unit
deta using argon and hydrogen as quench gases are given in Figure 3, and the data
show that at all power levels studied the yield of acetylene is 2-3 times greater
with hydrogen as the gquench medium. '

Pyrolysis of coal with consequent formation of acetylene in an inert plasma
environment is evidence that the carbon and hydrogen present in the coal are
reacting, i.e.,

C (in coal) + H (in coal) ———>p» CH, (1)

although Equation (1) is obviously an oversimplification of acetylene formation,
and no mechanism is implied.

Several explanations for the higher yields found with hydrogen can be
proposed, viz.,

1. hydrogen generates additional acetylene from the carbon in coal
via solid carbon-gasecus hydrogen reaction, a yield contribution
which is absent in an inert atmosphere, i.e.,

C (in coal) + H, ——» CJH, (2)

2. hydrogen is a more effective coolant or preserver of acetylene than
is argon because of mass transfer or themmal conductivity considerations,

or

3. hydrogen acts as some chemical reactant in the quenching step,
preventing the decomposition of acetylene to carbon black.

The most obvious explanation for the improved acetylene yields found with a
hydrogen quench is Postulate 1, viz., additional reactions occurring between
carbon in the coal and the gaseous hydrogen environment, and this reaction
contribution was subsequently tested by reacting char and hydrogen. Hydrogen-free
char (collected from previous arc~cocal tests) was reacted in the arc environment;
however, acetylene yields were only minimal5, far below the levels required to
explain the factor of three difference between the argon and hydrogen results shown
in Figure 3.

Other experiments in the consumable anode, arc reactor showed that if no gquench
wvere used, acetylene yields were very small with substantial carbon black formation
on the reactor walls, indication that decomposition of acetylene in the product
stream was occurring, again in agreement with the thermodynamic data and other
experimental evidence.
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The coal pyrolysis scheme underwent a number of modifications in both reactor
design and reaction philosophy during the course of the program. It was found,
for example, that one of the most serious causes of acetylene decamposition (in
either the argon or hydrogen case) was the contact between the incandescent surface
char layer and the acetylene which was generated below the surface. Examination
of large char particles showed that carbon black was present in the pores of the
structure®. Feeding hydrogen up through the coal resulted in increased yields, up
to about 18% (based on total coal), but, finally, certain materials erosion problems
shifted emphasis from the consumable anode concept to a plasma reactor shown in
Figure 4. The reactor description and operation have been covered fully in
Reference 10, but here, again briefly, powdered coal, typically -100 mesh, is carried
downward via hydrogen through a magnetically rotated arc region, at a velocity of a
several hundred ft/sec. A few inches downstream the hydrocarbon stream is quenched
(and several alternatives employing coal, or a hydrocarbon, or solely hydrogen were
tested). Acetylene yields and electrical energy consumptions in this reactor
approached economically viable levels; in the rotating arc reactor hydrogen still
produced substantially higher acetylene yields than did an argon quench.

In order to separate the acetylene forming step from the acetylene preserving
step in this coal pyrolysis scheme, and also in order to determine quantitatively
the role of hydrogen in the process, tests were carried out in which acetylene
was injected into a carbon-free plasma stream, experiments designed to simulate
only the "quenching-preserving" step. In the quenching studies, as in the coal
tests, the decomposition of acetylene in an argon plasma was again found to be
much greater than in hydrogen. Figure S5 gives the results of acetylene decomposition
experiments, which have been previously reportedlo, and shows that about 60% of the
initial acetylene decomposes with an argon quench while with a hydrogen quench only
about 10-12% of the acetylene decomposes.

As a result of the large differences in results with hydrogen and argon, other
quench gases, viz., helium, nitrogen, and deuterium, were subsequently tested in
an attempt to separate chemical effects from physical ones. For example, if gas
diffusivity and thermal conductivity are important parameters in preserving
acetylene as an Intact specles, acetylene decomposition in hydrogen, helium, and
deuterium would be essentially the same because all three gases possess essentially
identical mass and heat transport properties. If on the other hand, the heat
capacity of the quench medium, i.e., 1ts energy absorption and dissociation
capability, were the important consideration, hydrogen, deuterium, and nitrogen
would produce identical quenching results (ignoring for now nitrogen's scmewhat
higher stability relative to hydrogen). Finally, if chemical reactions between
Colly and H, were in operation during the quenching step, Hp and Do results would
be identical. In addition to gas chromatography high resolution mass spectroscopy
was carried out with the geuterium samples. The deuterium results, which have
been reported previouslyl , showed that substantial H-D exchange was occurring
in the acetylene molecule.

Finally as a means of determining reactions in operation during the acetylene
quenching step, "heavy" acetylene, 0213H2, and "normal" acetylene, 021 Ho were
admixed and injected into the plasma quenching simulator so that carbon-carbon
triple bond interaction at high temperature could be studied.
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RESULTS AND DISCUSSION

A series of experiments to separate the complex reactions of acetylene
generation and acetylene preservation occurring during the arc pyrolysis of coal
was carried out as an integral part of the coal pyrolysis studies in the rotating
arc reactor. In order to study the quenching reaction, acetylene was injJected
into a high temperature plasma stream, free of coal and char particles. A plasma
generator attached to a 2" copper, water-cooled tube as shown in Figure 6 was used
for the quenching studies. Acetylene was injected into the plasma stream about
1/2" from the nozzle, and a gas sampling tube was located about 12" downstream of
the plasma generator; again as in the previous reactors, the gas sampling probe
was purposely located far downstream of the plasma and injection position in order
to allow all decomposition reactions to occur, eliminating the probing ambiguities
described earlier. The acetylene concentration in the plasma was about Th, closely
approximating the concentration obtained in the rotating arc reactor. The entire
blasma system was connected to & very large capacity rotary vacuum pump so that
tests at various total reaction pressures could be carried out.

Tests were made, then, to detemine the effect of operating pressure on
decomposition and to determine the effects of using different gas quenches on
preserving acetylene. Both sets of results are given in Figure 7. Most extensive
testing was carried out with hydrogen, and it is seen that decomposition is a
function of total pressure, but reaches only about 30% at 1 atm. Figure 7 also
shows that decomposition of acetylene in both hydrogen and deuterium is identical
at the two pressures studied, and, furthermore, shows that the decomposition is
low relative to the other gases used, helium, argon, and nitrogen. The data
in Figure 7 bring out then that hydrogen (and chemically-similar deuterium) has
some other effect in preserving acetylene, effects not explainable by merely the
physical properties of thermal conductivity, diffusivity, or heat capacity.

There was no way to determine chromatographically if the acetylene molecules
sampled in the hydrogen quenched stream were the identical molecules injected into
the plasma, and hence mass-spectrometric analysis of the deuterium gas samples
was carried in order to determine if the composition consisted of 02H2 or of same
deuterated species (and although it would have been possible, no effort was given
to chromatographic separation of deuterated acetylenes). The analyses of the
deuterium samples showed that H-D interaction to form CHD and CoDp was occurring
during the plasma quenching step. Table I gives the measured composition of
acetylene in the product gas for the deuterium plasma-deuterium quench set of tests.

TABLE I
ISOTOPIC ACETYLENE CCMPOSITION

Composition
Species (% of Undecomposed CEHE)
CEHE 1.1%
C,HD 15.1%
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As Table I shows, 99% of the Coll, molecules have exchanged with Dy to form
CoHD and CzDo.

A number of workers in very high temperature acetylene formation-decamposition
studies have invoked radical recombinations to explain the fact that acetylene
compositions "greater than equilibrium" were achieved in their studies. Plooster and
Reedl?2 postulated that high temperature equilibrium favors two carbon specles,

CoHp and CoH, and that during the quenching sequence two mechanisms contributed to
the acetylene measured in the product, viz.,

CH, (present at high temperature) guench CH, (3)
quench
CH + H === CH, ()

Their model was based upon estimates of the thermodynamlc properties, and their
experimental results agreed well with the model of & CoHl radical. Other workers
after Plooster and Reed, viz., Baddour and Iwasyk13 and Baddour and Blanchetl
also invoked the CoH mechanism to explain their results of reacting hydrogen with
carbon in & consumable anode arc reactor.

An equilibrium diagram for .the carbon-hydrogen system is given in Figure 8 and
shows that Coll, and CoH are, in fact, the most prevalent carbon species at high
temperature*, Although calculated from free energy considerations to be present
in relatively high concentrations, the CoH radical, on the other hand, has not
yet been experimentally verified to be present in any quantity. A quenching mechanism
which both rapidly cools Col, and requires a recombination of a nen-interconvertible
CoH radical with H does not explain the presence of large amounts of CoDy in the
product stream, i.e., 1if CﬁH maintains its ideatity at high temperature, only CzHD
(along with the preserved” CHo) could be formed during the quenching step;
however, the data in Table I show that 83% of the Colly has exchanged to CoDp, and
a random recombination of radical and atamic species was found to correlate the
results.

Conservation of energy considerations, however, preclude the dissociation of
all the species into atoms and/or radicals. For example, most of the tests in the
plasma reactor were carried out at input power levels of about 15 kw; with a Ho
(or Dp) flow of 4.95 SCFM used in the tests, the average gas enthalpy was only
about 40 keal/gmol, much, much less than the 100 kcal/gmol required to dissociate
even hydrogen alone (not including the dissociation of acetylene to Cz and H). 1In
splte of the impossibility of dlssociating all the molecules to Co, H, and D
species, however, there is presented in Table II the predicted statistical con-
centrations of H- and D-exchanged acetylenic molecules, based upon the recombination
of such specles, and it is seen that the agreement is very good.

TABLE II
ISOTOPIC COMPOSITION OF ACETYLENE

Predicted Composition

Species - Measured Composition (Based Upon Combination of Co, H, &
Calip 1.4 0.5

C_HD 15.1 13.2

Calo A 83.5 86.0

*Figure 8 was calculated for a C/H ratio of 1/4, i.e., for methane, using JANAF data’.
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As a final study of the decomposition-recombination reactions of acetylene
which could aid in the elucidation of the acetylene preservation mechanism in
hydrogen, mixtures of carbon isotope acetylenes, Cglgﬁg and Cpl3Hp, were injected
into a hydrogen plasms stream, and analysis of the gas product egain was determined
K by high-resolution mass spectroscopy. If the carbon-carbon triple bond maintained
its integrity, only cl2 gnd ¢13 acetylene should be present in the product stream;
if, on the other hand, the triple bond were entering into the decomposition-
preservation reactions, an interaction to form C13C12Hp would be measured in the
product. :

o

L T Te——

For the cl2-013 experiments the plasma reactor was also operated at about
0.5 atm with approximately a 50/50 mixture of the isotope acetylenes injected into
the plasma stream. Gas chromatographic and high resolution, mass spectroscopy
analyses were carried out on the samples, Gas chromatograph showed egain that only
about 10% of the original acetylene disappeared to carbon black (and the decomposition
result is shown as a solid dot in Figure 7). Mass spectrograms of both the initial
and final product acetylene streams are glven in Figure 9. Figure 9 shows that
some CL2C13Hy, was present in the starting material (because the heavy acetylene
could be obtained only as 90% cl3 acetylene). A mass spectrogram of the final
composition, obtained with the plasma generator operating at 15 kw, a power level
identical to that of the deuterium tests, is_also compared to the initial spectrogram
in the figure, and a large increase in the 012Cl3H2 peak 1s evident.

JE— T e ST — ———

Acetylene compositions are given in Table III.

TABLE TIT
ISOTOPIC COMPOSITION OF ACETYLENE

Composition %

Initial Mixture Final Mixture
Species (Power Off) (Quenched)
, cl2n, k7.6 30.6
‘ cl2ci3y, 11.9 48.5
cl3,1, Lo.5 20.9

If 100% of €12 and 13 reacted, the calculated Cl2C13H, concentration would
be 49.6% as shown in Table IV; the measured concentration of 48.5% indicates
therefore, that a 97% exchange occurred based upon the statistical model; agéin,

y however, energy considerations (with the plasma stream possessing only a maximum
, of 40 kcal/gm) preclude such a simple model,

E




TABLE IV

ISOTOPIC ACETYLENE COMPOSITION

Species Measured {%! Calculated g%}

clom, . 3.6 29.2
clecl3y, 48.5 49,6
c13,H, ' 20.9 21.2

A mechanism based upon sequential collisions will be presented.
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SYNTHESIS OF HYDROCARBONS BY THE HIGH INTENSITY ARC
Charles Sheer and Samuel Korman

Columbia University, Chemical
Engineering Research Laboratories
New York, New York 10027

This report summarizes some of the results of an investi-
gation into the use of a novel type of arc applied to hydro-
carbon synthesis. The principal reacting system was carbon and
hydrogen. Later substitutions for the hydrcgen were employed
in a limited way. These included, in turn, a 50-50 volume per-
cent mixture of CO and H2’ steam, and a solid petroleum residue
essentially (CHZ)x'

The type of arc is one which was developed in our labora-
tory and whose properties for applications of the type reported
here we have studied intensively for several years. It is a
type of high intensity arc discharge characterized by a number
of unique‘features, of which an important one is the fact that
a relatively high rate of continuous through-put of feed material
can be achieved. The feed is a fluid, is raised to high temper-
atures, and itself comprises the plésma environment of the dis-
charge, particularly the electric conduction column maintained
between the electrodes. As result it will be appreciated that
thé composition of the plasma is derived from that of the feed;
however, the atomic, molecular, or free radical species compris-
ing the plasma may differ significantly from the molecular com-
position of the feed.

Distinctive features of the High Intensity Arc

Conventional arcs, consisting of a gaseous electrically
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conducting column joining two electrodes, a positive anode and
a negative cathode, are used as a source of heat, as for ex-~
ample in electric'smelting processes. The mechanism by which
heat is uséfully transferred to feed materials occurs by radia-
tion and conduction from the hot column. The column is the
zone of primary energy dissipation in which the input electrical
energy is converted into radiant energy and sensible heat, both
of which flow out in all directions through the intervening
layer of atmosphere. The maximum temperature which may there-
by be achieved and maintained in the surrounding charge is
limited by practical considerations to about 2500°C.

In such arcs little if any of the material to be treated
enters the energy dissipating region within the arc conduction
column itself. The opportuhity for successfully accomplishing
this became available with the discovery in 1910 by Beckl of
the type of discharge now known as the "high intensity arc”.
The usé of this type of arc to treat materials to temperatures
higher than‘2500°c in a continuous and practical manner is one
of the central themes of this paper. 2-6

In the high intensity arc, significant amounts of feed
material can penetrate and pass through the conduction column,
and are thereby heated with high energy transfer efficiency to
very high temperafures; i.e., up to 10,000°K or more. In the
eariy forms of fhé high intensity arc this was accdhplished by
incorporating the feed into the anode and allowing the anode
to vaporize continuously into the arc. This is suitable however

only for the treatment of normally solid feed materials.
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Recently a means was developed in this Laboratory whereby

the injection of large quantities of gases into the arc column
can be made to operate in a practical manner, even for reactive
gases. In this modification, the gas is injected from the
cathode end rather than through the anode of the discharge, by
means of a specially designed annular nozzle surrounding the
cathode. This device has been termed the "fluid convection
cathode".

Basis of the Fluid Convection Cathode

Referring to Figure 1, the arc column at the cathode is
13

characterized by a converging shape to a small tip ét the ca-
thode surface. This convergence, representing an inhomogeneous
electric current flux, therefore defines a zone of inhomogenetiity
in the accompanying magnetic field. This in turn has the effect
of producing a fluid mechanical thrust aWay from the cathode in
the direction of the anode, thus giving rise to a pressure gra-
dient away from the cathode tip. To stabilize this gradient,
ambient gas is éspirated into the arc column in the region of
inhomogeneity. This region represents the only portion of the
arc other than the anode crater through which appreciable quan-
titiés of gas may be injected without disturbing the stability
and maintenance of the arc discharge.

The FCC was developed during an investigation7'of the in-
fluence of gas convection into the base of the arc column near
the cathode of a high intensity arc. The technique consists
essentially in surrounding the conical tip of the cathode with
an annular nozzle which terminates upstream of the tip and

which directs the gas in a converging high speed layer into the
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column of the arc very close to the point where it originates

on the cathode. It was found that if this were done in a man-
ner which causes the gas to impinge on the arc column in the
region just in front of the cathode where the column is con-
verging from the broader discharge column, then the gas will
preferentially enter the column and can be injected at>10 to
20 times the aspiration rate, whereas, if an attempt were made
in the classical manner, to force the gas into the arc column
proper in order to energize the gas, such impingement is fruit-
less and tends to u§stabilize and blow out the arc.

Again, with conventional confined arcs, where stability
is sought by enclosing the arc discharge within a water-cooled
chamber, and forcing the gas into the chamber with the intention
of imparting arc energy to it, both theoretical and experimental
results have proven that over 70% of the'injected gas never
enters the columng, and does not obtain any significant amount
of activation energy from the arc.

Experimental Method

Figure 2 is a diagram of the D.C. high intensity arc ap-
paratus, showing an FCC cathode through which the hydrogen gas
is injected into the conduction column and a 1" diametef cylin-
drical carbon anode. The anode has a 1/4" diameter hole along
its longitudinal axis. The anode is connected at its back end
by 3/16" I.D. metal tubing to a 1-1/6" diameter Type 304 stain-
less steel tube surrounded by an electrically heated laboratory
tube furnace. Leaving the furnace is a water-cooled heat ex-
changer following a tee-connection valved to permit the gas

stream to go in either of two directions: (1) to a flowmeter
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and laboratory pump, or (2) to a manifold of a large-dialled
mechénical vacuum gauge and several valved 500 cc gas sampling
bottles. These aré evacuated prior to use. The carbon anode

can thus serve as a combination source of solid carbon, and of
carbon vapor issuing from the anodic arc terminus into the plasma
column, as well as an arc crater'gas sampling probe.

Depending upon the puﬁping flow rate or timed pressure rise
in the sampling branch, it is thus possible to draw an arc flame
effiuent gas stream from the reaction zone through the tube
furnace to vary the residence time at any temperature up to
about 1000°C, and thence through the heat exchanger and into
;he sample bottles in sequence.

In operation with diametrically opposed electrodes the FCC
arc column bears directly on the carbon anode, which is complete-
ly covered by the arc crater at a currenﬁ of 150 amperes or more.
The pump valve is opened sufficiently to meter the plasma down
through the anode hole, to purge and equilibrate the effluent
hot zone in the tube furnace, and then to meter samples into
the gas sampling bottles in sequence at timed rates, measuring
the rise periocd of the vacuum gauge pressure.

Analysis of the samples was carried out by gas chromatog-
réphy, using helium carrier gas and an air-hydrogen flame in a
model 609 F and M Scientific Corporation flame ionization chro-
matograph with a Poropak Q column. A test gas mixture cqntain—
ing the aliphatic compounds CH4, C2H2, C2H4, C2H6' C3 6" and
C4H8 was used to calibrate the analytical procedure.

Results

Since the early objectives of the program were primarily
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exploratory, the results reported here are essentially qualita-

tive, although within é given test series weight can be given to
concentration ratios of components of a test sample~mixture for

purpose of comparison.

Series I. Hydrogen Flow Rate Through the FCC

This was effected by operating the arc at standard condi-
tions of 150 amperes, maintaining the effluent hot zone at 800°C,
sampling at about 30 - 60 seconds per sample, and varyind the
hydrogen flow rate into the FCC. Comparison of hydrocarbon com-
position is shown in Table 1, in terms of the relative distribu-
tion of the volume concéntration of the products found. The dis-
tribution was obtained by calculating the percentage contribution
which each chromatograph amplitude recording made to the sum of
all, in arbitrary scale divisions. There appears to be a signif-
icant dependence of effluent hydrocarbon composition upon the
amount of hydrogen fed into the FCC. .

Series II. Time Factor

In this series, standard conditions of 150 amperes and 8.5
‘mols per minute of hydrogen were used,ﬁwith varying sampling
rates through the 800°C effluent hot zone. Results are tabulated
in Table 2. No other hydrocarbons were observed. These data
suggest that methane and acetylene are produced and disappear at
different rates.

Series III., Hot Zone Temperature

In this series, standard conditions included 150 amperes,
8.5 mols H, per minute through the FCC, sampling rate through
the effluent hot zone at 2 1/2 minutes, &ith variation of the

hot zone temperature. Results are shown in Table 3. It is
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evident that the hot zone temperature has a significant effect
on the hydrocarbon composition of the effluent.

Series IV. Hot Zone Surface Area

Noting the result of increased time of flow in the sampling
rate shown above in Series II, and assuming that 8.5 mols H2 per
minute through the FCC creates a steady state for carbon + hydro-
gen in the plasma at the arc crater, the sampling source, then
the time of exposure to the hot zone wall of Type 304 stainless
steel was observed. This was accomplished at 150 amperes, 8.5
mols H2 per minute, and 800°C hot zone temperature, in two di-
ameters of hot zone tubes, 1-1/6" and 9/16", -- a cross-sectional
area ratio of 4:1. To equate the sample residence times, the
sample flow periods were adjusted to this ratio. Results are
shown in Table 4. No acetylene was found in the 9/16" diameter
samples, while the small amounts in the 1-1/6" samples were con-
sistent with the distribution for 20 and 30 seconds checked with
similar times observed in the earlier Series II above.

Series V. Further Effect of Hot Zone Area

The result of Series IV was followed by further observations
comparing hydrocarbon yields and ratios in £wo cases and at two
temperatures, as follows:

A, 1-1/16" diameter at 800° and at 500°C

B. 1-1/16" diameter, into which tube a section of stainless

steel wool was added, also at 800° and 500°cC.
These conditions were compared, since any effect due to exposure
to large surface of stainless steel would not require comparably

rapid sampling flow. 1In other words, the effect of increased
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surface area alone could be observed. The hydrocarbon aistribu—
tion at each temperature with and without added stainless steel
wool is shown in Table 5. Table 5 indicates that the prepon-
derance of methane and absence of acetylene is not affected at
800°C. To interpret the apparent shift, however, at 500°C, it

is necessary to compare the relative concentrations of all
samples. This is shown, in terms of their ratios, in Table 6.

It will be noted that the effect of stainless steel hot zone is
relatively constant and appreciable for the times and temperatures
of exposure. At 800°C, no acetylene is present, as expected, for
reasons of temperature, as shown in Table 3 above, while atv500°c,
the time-related suppression of acetylene previously observed in
Table 2 above is also seen to be more strongly enhanced by the
increased stainless steel surface area. We interpret this to
mean that acetylene disappears much more-rapidly than methane
under these conditions, and that the disappearance i§ related to
the surface area of the stainless steel hot zone.

Series VI. Effect of Hot Zone Surface Composition

Noting that the time~related suppression of methane and
acetylene appeared to suggest a hot zone surface effect when
stainless steel was used, this material was replaced by several
others, using tubes of 1-1/16" diameter. Arc crater gas samples
taken under otherwise identical conditions (viz., 150 amperes,
8.5 mols H2 per minute, hot zone temperature 800°C, parallel
.sampling flow rates) produced hydrocarbon compositions as
shown in Figures 3 through 6.

In the case of fused silica, it is seen in Fiqure 3 that
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the time of exposure in.the 800°C hot zone has roughly parallel
effects upon the presence and disappearance of both methane and
acetylene. ¥

This is in contrast with iron (Figure 4) and'Type 304
stainless steel (Figure 5), where acetylene disappears rapidly
while methane persists.

Increasing the nickel content by the use of Incoloy 800
(32% Ni, 46% Fe) and Nickel-200 (99.5% Ni) appears to produce
further suppression of both acetylene and methane, -- an effect
which does not appear to be especially time-sensitive.

Some Results with Other FCC Gas Feeds

Preliminary tests were carried out in which substitution
was made for hydrogen as the FCC-injected gas. The first sub-
stitute was a_H2 - CO 50-50 volume percent mixture. The usual
standard test conditions were employed, exéept that the gas
volume flow rate was set to a value which included a relatively
small amount of hydrogen (0.6 mol per minute). The results
shown in Table 7 compares the (interpolated) analog distribu-
tion resulting from the same amount. of pure hydrogen alone with
the distribution using the mixture with CO. The absolute amount
of acetylene in the CO = H2 mixture tests also increased with
time whereas the acetylene in the low rate pure hydrogen analog
diminishes rapidly and no hydrocarbon was found after 10 seconds.

The next FCC gas used was steam, with corresponding results
shown in Table 8. In comparing absclute concentrations by meas-
uring chromatograph deflection amplitudes, the total product

yield of hydrocarbon was found to have increased with increasing
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flow rate of steam. As with the water gas tests, short time
intervals with steam produced appreciable methane under‘éondi-
tions which would have yielded only a small amount of acetylene
or no hydrocarbons, if the same amount of contained hydrogen
were fed as pure HZ in equivalent rates to the FCC arc. |

Solid Carbonaceous Feed

Finally, preliminary tests were carried out in which a
powdered solid was entrained in argon and injected into the FCC
arc. - The solid was a petroleum refinery "bottom" having a soft-
ening point of 327°F and an approximate composition of (CHZ)X'
The argon was chosen as a neutral carrier to avoid ambiguity
concerning the source of hydrogen in the product. For simpli-
city, no effluent hot zone was used, and so the sample gas was
considered as being quenched to room temperature. As expected,
in every instance thé hydrocarbon product was preponderantly
acetylene, although there were traces of methane also.

Discussion

Based upon the results of the teiﬁs described above, it is
suggested that two distinct sets of processes are operative.
One involves the phenomena within the arc and the other relates
to the conditions to which arc-generated gases are exposed in
the effluent stream.

Exploratory as this investigation is to this poin;, it af-
fords no evide;ce which discloses the qndoubtedly compiex mech-~
anisms underlying the observed effects. However it seems reas-
onable to assume that a time-related catalytic effect exists

which is related to the composition and temperature of the hot
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zone surface to which the arc sample effluent was exposed. The
rapid transition in hydrocarbon composition from ateleene to
methane in the preéence of iron or stainless steel is one indi-
cation. Thermal effects and increased residence time in the
presence of hydrogen were shown to lead to progressive diminu-
tion and disappearance of hydrocarbons, suggesting another slower
process which may be pyrol&tic or possibly inhibitory.

It is submitted, also, that effects which occur within the
hot.éone are not necessarily independent of the arc reactions.
The composition of the effluent which leaves the arc crater and
enters the hot zone has an important effect upon the ultimate
product composition. For example, the contrast, under other-
Qise identical test conditions, which is evident as substitution
was made for pure hydrogen as the FCC gas feed produced a note-
worthy change. With a mixture of CO and HZ’ or H combined with
O as steam, hydrocarbons were produced with appreciable or major
fractions of methane, where pure hydrogen yielded only small
amounts of acetylene or no hydrocarbons at all. One may infer
that the presence of CO or O within the plasma possibly alters
the course of the reaction, and hence the effluent composition.

From our basic studies of FCC gas injection8 into the arc
conduction column, together with concurrent temperature meas-
urements, it is fairly certain that upwards of 80% of the in-
jected gas penetrates the column and uniformly reaches tempera-
tures in the range of 10,000° - 20,000°K. Our current investi-
gations of this arc, using hydrogen as FCC gas feed and a carbon

anode, indicates clearly that the hydrogen in the arc conduction
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column approaching the anode is monatomic. We are presently
studying the plasma composition in front of the anode crater,
where this monatomié hydrogen is mixing with or impinging ugzn
carbon at its sublimation temperature. lThe objective of idenfi—
fying the plasma species in this zone, with hydrogen and ultima-

tely with H, + CO or with steam, offers the possibility of deter-

2
mining how the ultimate quenched effluent composition, as well
as the function of the secondary species, such as CO or 0, in
altering the process, may be predicted.

Additionally the exposure of a carbonaceous solid into this
plasma, producing acetylene in accordance with expectation, in-
dicates in a preliminary way the probability of employing these
arcs effectively for gasification involving coal or other carbon-
. aceous feeds.

Summary

A novel type of arc discharge, the FCC high intensity arc,
employing a carbon anode and a cathode designed.ﬁo afford ef-
fective enhanced introduction of hydrogen-bearing gas feeds into

>
the arc conduction column, was employed to study the synthesis
of hydrocarbons. 1In the temperaturé range of this arc, -- that
is, 10,000° - 20,000°K -- in the cathode conduction column, the
hydrogen is monatomic and impinges on the carbon anode at its
sublimation temperature (about 4000°K) in the arc crater.

Gas samples, drawn from this region during standard arc
operation, were found by gas chromatography to contain hydro-
carbons. The composition of these depended upon the flow rate

of hydrogen fed into the arc column, the temperature and resi-
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dence time of the arc effluent in a downstream hot zone, and
the wall composition of the hot zone. Hydrogen, though always
in excess of stoichiometry, caused a transition in the hydro-
carbon product ranging from 100% acetylene, at low flow rate
(3.4 mols Hz/min) to mixtures of methane and acetylene with
occasional presence of propylene, becoming predominantly meth-
ane at high flow rates (14.1 mols Hz/min) for intermediate
residence times (about 30 seconds) at 800°C in a Type 304
stainless steel hot zone. Shorter re§idence times (about 10
seconds) with adequate hydrogen (8.5 mols/min) at 800°C in
stainless steel hot zone produced hydrocarbon mixtures which
were predominantly acetylene. The effect of residence time
thus also showea a transition in hydrocarbon composition from
100% acetylene at 10 seconds to 100% methane in from 30 seconds
to 2-1/2 minutes.

Under the same test conditions, a similar transition was
observed when the hot zone wall was iron instead of Type 304
stainless steel. When the wall was Incoloy 800 (32% Ni, 46%
Fe) and Nickel-200 (99.5% Ni) both hydrocarbons were substan-
tially suppressed regardless of residence time. With a fused
silica wall, mixtures of acetylene and methane appeared in all
time intervals.

In the transitional cases, acetylene diminished from the
product time samples, dropping rapidly from 10 seconds and
disappearing in 2-1/2 minutes, while methane rose to a maximum
in 30 seconds and slowly diminished. No hydrocarbons were

‘found after 4 minutes. With silica, both acetylene and methane
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rose and dim%nished in parallel manner to constant low levels
after 2-1/2 minutes, persisting after 6 minutes.

The effect of temperature in the hot zone was studied with
the stainless steel wall at a residence time of 2-1/2 minutes.
At 800°C, the only hydrocarbon produced was methane. At 25°C
the product contained acetylene with a tface of methane. Inter-
mediate temperatures prgduced mixtures of the two in transi-
tional proportions.

Substitution of 50-50 volume perqent hixture of CO and H,
for pure H, for FCC-injection produced hydrocarbons which were
mixtures of methane and acetylene (with a small amount of propy-
lene in one l0-second sample), whereas the same fractional
&olume flow rate of contained hydrogen, if fed as pure hydrogen
alone, would have produced only a small amount of acetylene or
no hydrocarbons at all.

When steam was substituted for hydrogen into the FCC arc
the principal hydrocarbon component was methane, increasing in
proportion‘to acetylene with increasing steam flow, whereas,
again, the equivalent H, if fed as pure hydrogen, would have
shown a small amount of acetylene or no hydrocarbons.

A solid pulverized petroleum residue corresponding to
.(CH2)x’ fed entrained in argon into the FCC, produced acetylene
predictably under conditions corresponding to the analogous H2
feed. .

Two processes are believed to participate in determining

the hydrocarbon composition of the effluent product. One pro-

cess is thought of as interaction of the feed materials within
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the arc colupn at the anode crater, transformed into high tem-
perature plasma species. The resultant composition is.believed
t6 influence the course of the second process which is a time-
and temperature-related catalysis occurring in a downstream hot
zone, leading to the final effluent composition. Upon furthér
exposure to the hot zone, the over-all quantity of hydrocarbons
in the effluent diminishes. This is believeé to be related
principally to the temperature of the hot zone, as evidenced
by the collateral diminution of acety%ene and methane at 800°C‘
in a fused silica hot zone. Differential transition from ace-
tflene to methane occurred‘ih the cases of iron and Type 304
stainless steel, and a time-independent constant suppression
of both methane and acetylene was obtained when the hot zone
wall at 800°C was either Ipcoloy 800 (32% Ni, 46% Fe) or Nickel-
200 (99.5% Ni).

Preliminary tests with pulverized solid (CH2)¥ entrained
in argon and fed into the FCC arc, as well as the alteration
in favor of methane in the steam cases, lend support to the
belief that these results with the FCC high intensity arc may
lead to practical applications in the gasification of coal and
other carbonaceous feeds.
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THE REACTION OF ATOMIC HYDROGEN WITH CARBON

Alan Snelson
f IIT Research Institute
) Chicago, Illinois 60616

ABSTRACT -

A thermally produced beam of atomic hydrogen was reacted
on a carbon target at temperatures between 30-950°C. The
reaction products were isolated on a liquid helium cold finger
and subsequently analyzed by gas chromatography. Over the
temperature range examined the major reaction products were:
CH¢a9l%, C2H6g8.4Z, C3H8m0.6%. C2H4, C3H6 and C4 hydrocarbons
were minor constituents, if formed at all. Hydrocarbon
formation increased with temperature, no maximum in the
yield occurring at about 770°K as reported in previous
studies. The methane yield-temperatﬁre dependence showed

three distinct phases and activation energies were obtained.

4 At 30° and 950°C, about 1% and 3% respectively, of the avail-
/ able H atoms reacted with carbon to form hydrocarbons.
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INTRODUCTION

The discovery that H atoms react with carbon was made by
Avramenko (1) in 1946. To date the results of ten other
étudies have been reported (2)-(11). In all but one investi-
gation, H atoms were produced by electric discharge techniques;
the one exception (7) using thermal methods. Chemical
analyses of the reaction products were attempted with varying
degrees of sophistication in all except one study (5).
Agreement between the different investigations as to the
hydrocarbons formed in the H atom-carbon reaction is not
good, some or all the following have been reported: CH4’
CZHZ’ C2H4, CZH6’ C3H8 and various butanes and butenes.
Several authors believe that methane is the primary reaction
product, with higher hydrocarbons resulting from hydrogen
abstraction reactions and free radical recombination processes;
There is some indication that the formation of
acetylene and ethylene may be associated with ionic species
formed in the'electric discharge used to produce the atomic
hydrogen. 1In some of the experimental studies the products
reported as being formed in the H atom-carbon reaction could
also have arisen by H atom attack on organic materials,
vacuum grease and O-rings, which were part of the system.
Most investigations of the H atom-carbon reaction were made
at ambient temperatures, but in two cases (8,9) where an

extensive temperature range was investigated, a maximum in
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the hydrocarbon yield was reported at 770 + 50°K. 1In two
kinetic studies (6,9) on the reaction, data were obtained
for the rate of carbon removal as a function of temperature
and H atom concentration, but no effort was made to correlate
these data with the hydrocarbon production.

In this investigation, the H atom-carbon reaction has
been re-examined in an effort to determine; 1) the nature of
the hydrocarbon products, 2) the yields of hydrocarbon products

as a function of temperature and, 3) the efficiency of con-

version of atomic hydrogen to hydrocarbons.

EXPERIMENTAL

In designing the experimental arrangement for studying
the H atom-carbon reaction, an effort was made to avoid some
of the features which may have vitiated the results obtained
in previous studies. E.g. Possible pyrolysis of the reaction
products, reaction between H atoms and O-rings or vacuum
grease, and reaction between hydrogen ions and carbon. To
attain these goals, a low pressure atomic hydrogen beam
carbon reactor was constructed utilizing é liquid helium
cold finger to remove reaction products. This is shown
schematically in Figure 1. All materials used in the con-
struction of the reactor were either metal, (copper, brass,
Kovar and stainless steel) or glass. Deﬁountable joints were
soft soldered using an inorganic flux and all surfaces were

acid cleaned prior to assembly. A mechanical vacuum pump
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and oil diffusion pump were used to evacuate the system,
and pressures in the 10'6 mm range were routinely achieved.
Hydrogen atoms were formed by thermal low pressure
(10-7-10_5) atm. dissociation of molecular hydrogen in a
tungsten effusion tube. The effusion tube, 0.067" 0.D. and
0.030" I.D. was heated over 2" of its length
to a temperature of 2600 + 50°K by electrical induction.
The temperature was measured with a Leads Northrop optical
pyrometer with emissivity corrections being made. To increase
the probability of equilibrium being attained within the
tungsten effusion tube for ﬁhe chemical reaction H, Tgigh 2H,
three tungsﬁen wires about 1" long and 0.010" diameterezg}e
inserted into the_bore of the tube to help increase residence
times. Matheson Research Grade hydrogen was used in the
study and was stored in a glass vacuum line prior to use.
The flow rate of hydrogen to the effusion tube was controlled
by varying the gas pressure across a fixed leak. Hydrogen
flow rates to the effusion tube varied from 0.5 to 9 x 10—5
moles hour-l. In most experiments a rate of 2 x 10-5 moles
hour'1 was used. The amounts of gas being fed to the reactar
were determined from P.V.T. data using standard vacuum line
techniques. These hydrogen flow rates correspond to pressures
of the order 5x 107/ to 2 x 10" atm at the lowest and
highest flow rates, respectively. At the most commonly used

hydrogen feed rate (2 x 10-5 moles hour-l) the pressure in

the effusion tube was approximately &4 x 10_6 atm. Using data
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given in the JANAF Tables, (12) it may be shown that at this

pressure the resulting effusate 1is essentially pure atomic

hydrogen. At the highest experimentally used effusion tube

pressure (2 x 10_5 atm.) the effusate was -98% atomic hydrogen.
The carbon used in the H atom-carbon reaction was

obtained from the Ultra Carbon Corp., Michigan. It had a

-3 and

certified purity of 99.99957% and a density of 1.72 g. cm.
was in the form of a solid cylinder, 1" long x 1'" diameter.
In the reactor, the carbon was mounted in a steel holder on
the same axis as the tungsten effusion tube and 2-5/8" from
it, presenting the H atoms with a flat target surface of
1" diameter. The carbon target, was heated by four Waltow
cartridge heaters of 100 watts each, and the temperature
controlled by varying the applied voltage across the heaters.
A chromel-alumel thermocouple, inserted into the carbon
target with the temperature sensing junction about 1/16"
from the reaction face, was used to measure the target
temperature. The thermocouple output was measured against
that of an ice junction using a Leeds Northrop potentiometer.
Target temperatures were constant to + 2°C in experiments
which usually lasted one hour. A maximum target temperature
of about 1000°C was possible and prior to use in the H atom-
carbon reaction, the carbon was outgassed at 950°C for three
days under vacuum,

The glass liquid helium cold finger used to freeze out

reaction products was about 2" diameter and had a capacity of
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1 liter. To ﬁinimize heat leakage it was surrounded by a
liquid nitrogen heat shield. All surfaces in the Dewar
system were silvered. After an experiment the cryogenic
fluids were removed from the cold finger and the system
warmed to room temperature. The reaction products were then
removed by a Toepler pump and their total volume measured.
During this process the temperature of the carbon target
was maintained at 200 + 20°C to help minimize adsorption of
gas. Provision was made in the collection section of the
vacuum line to raise the pressure of the collected sample to
slightly above ambient. This was done to help improve the
reliability of the gas sampling for chromatographic analysis.
Gas samples from the H atom-carbon reaction were analyzed
on a Varian-Aerograph gas chromatograph, Model 1800. A
6 ft. long 1/4'" diameter stainless steel column packed with
216 grams of a 'Poropak' Q stationary phase was used for
separating the various hydrocarbons. The column was used
isothermally (60°C) for the analysis of CH,, CoH, and CoHg -
For higher hydrocarbons the column: temperature was programmed

at 10°C min-1

for six minutes and the column then kept
isothermal at 120°C. With this chromatograph, the detection
of 10'11 moles of a éimple hydrocarbon was attainable. Prior
to every analysis, the calibration of the chromatograph was
¢hecked against injections of known volumes of methane and

ethylene. 1In a typical experiment, 0.15 cc of the collected

gas from the atomic hydrogen-carbon reactor was injected
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into the chromatograph resulting in hydrocarbon yields of

the following magnitude; CH, = 4-18 x 1078 moles, CyH, =
1-2 x 10"9 moles, C2H6 = 3-7 x 10“9 moles, C3H6 = 0.5 -2x

-10 10 moles. The over-all

10 moles, and CyHg = 2-5 x 107
accuracy of the measured hydrocarbon yields is believed to
be about *+ 7%.

RESULTS AND DISCUSSION

Operating Characteristics of the Reactor, Without the Carbon

Target

The reactor, without the carbon target in place, was

exposed to H atom attack using a hydrogen flow rate to the
reactor of ~2 x 1072 moles hour L. The resulting product
gases were analyzed chromatographically. The following
species were found; CH4, C2H4, C2H6’ C3H6, C3H8 and traces
of butanes and butenes. These findings were surprising
since great efforts were made to remove organic materials
from all reactor surfaces prior to assembly. The reactor
was disassembled and all surfaces inspected and recleaned. On
reassembly and subjection to H atom attack, hydrocarbons
were again produced. The effect of exposing the reactor to
H atom attack over prolonged periods of time was therefore
studied., Samples of the reaction products were analyzed
periodically.

Data obtained from these experiments are given in Table
I; To permit comparisonlbetween different experiments,

reaction product yields are all quoted in terms of moles of
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hydrocarbon formed per mole of molecular hydrogen fed to

the reactor at the stated molecular hydrogen feed rate to
the reactor. Quantitative yields for the C4 hydrocarbons are
not given in Table I since their amounts were too.small for
meaningful analysis. 1In Figure 2 the methane yield as a
function of time is presented from the data given in Table I
with a hydrogen feed rate to the reactor of 2 x 1077 moles
hour-l. It is at once apparent that the yield of methane
decreases quite markedly with the number of hours of H atom
attack,(conditioning) and after some 60-80 hours appears to
reach a constant minimum. The production of C2H4, C2H6’

C3H6 and C3H8 all showed the same type of behavior as methane
with respect to yields as a function of H atom conditioning
time. After some 60-80 hours a stable minimum was attained
for all species. The reactor was disassembled, inspected,

and surfaces cleaned, and re-assembled. The hydrocarbon
yield as a function of H atom conditioning time was re-investi-
gated. The same type of behavior resulted as in the prior
experiments, a moderate initial hydrocarbon yield,decreasing
with time after some 60-80 hours to the same value as
obtained previously. Conditioning was continued for a total
of 150 hours without any further change in the hydrocarbon
yield occurring. 1In Table II the stable hydrocarbon yields
obtained after prolonged H atom coﬁditioning of the reactor

are given.
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From these data it is necessary to conclude that despite

all efforts to maintain reactor cleanliness, the system was
contaminated with carbon or organic material. The initial
relatively large production of hydrocarbons obtained directly
after assembling the reactor could have resulted from hydrogen
atom attack on freshly adsorbed carbon species, CO, CO2 and
possibly some hydrocarbons, on the inside of the reactor

after exposure to the laboratory atmosphere. The apparently
smaller constant yield of hydrocarbons obtained after prolonged
hydrogen atom attack suggests the presence of a fairly large
though not particularly accessible supply of organic material.
There are twd possible sources: 1) carbon in the steel used

in fabricating some parts of the reactor, and 2) organic
material trapped during the formation of the silver reflective
coating on the liquid helium Dewar. (The latter coatings

are prepared by the reduction of ammonical siiver solutions
with sugar). In view of the large silvered surface area of
the liquid helium dewar 5000 cm2, a small amount of trapped
organic material in the silver coating could well be the

major source of organic contamination in the reactor.

After establishing that a small constant yield of
hydrocarbons could be obtained from the reactor on hydrogen
atom attack, a few experiments were tried in which the hydro-
gen feed rate to the reactor was varied from 0.25-9.75 x 107°
moles hour-1 and the reaction products analyzed. These data

are recorded in Table I. In Figure 3, the methane yield as a
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function of the hydrogen feed rate is presented based on

data given in Table I. Similar curves also resulted for the
other hydrocarbons and for” this reason they are not presented
individually. From these data it appears that hydrocarbon
yields vary by a factor of about eight with respect to hydrogen
feed rate, increasing at the lower feed rates and decreasing
at the higher feed rateé. As noted in the experimental
section, over this range of feed rates the hydrogen species
leaving the effusing tube are essentially pure atomic hydrogen,
with at most a 1 to 2% variation occurring between the lowest
and highest flows. Such small changes in the H atom concen-
tration cannot explain the observed variation in hydrocarbon
yield as a function of feed rate. At lower hydrogen feed
rates, H atom recombination reactions will occur at a lower
rate than at higher hydrogen feed rates. It is possible that-
the decreased H atom recombination rates at the lower feed
rates, and hence longer H atom life time increases the
probability for H atom surface reactions producing hydro-
carbons. A more detailed study of the effect was not under-
taken.

A few experiments were tried to determine if significant
cracking of hydrocarbons occurred in the reactor on the hot
effusion tube. To this end small quantities of methane were
introduced into the reactor and allowed to impinge on the
carbon target before being frozen out on the liquid helium

" cold finger. The products were subsequently analyzed.
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Within the sensitivity of the chromatographic detection, no
noticable cracking of the methane occurred.

The above experiments served to characterized the opera-
tion of the H atom reactor. The apparent inability to remove
all traces of organic material from reactor surfaces exposed
to H atoms was not expected. It is interesting to note that
in all previous experimental studies on the H atom-carbon
reaction in which hydrocarbon reaction products were analyzed,

no reports were made of tests to determine possible hydro-

- carbon yields in the absence of the carbon target. Sufficient

experimental details were given in some of these studies
to indicate that H atom attack on O-rings and vacuum greases
in the reactor system probably occurred.

H-Atom-Carbon Reaction

The carbon target was placed in the reactor which was
then conditioned to H atom attack for some 100 hours.
Experiments were then conducted to determine the hydrocarbon
yield from the H atom-carbon reaction as a function of temper-
ature, over the range.30°-950°C. Hydrogen flow rates of
2 x 1072 moles hour ™} were used in all experiments. The
following hydrocarbons were detected, CH4, C2H4, C2H6, and
C3H8’ with possibly minute traces of some C4 species. The
amounts of the latter were similar to those detected in the
background yield without the carbon target present and
reliable quantitative measurements were not possible.

Qualitatively, C4 hydrocarbon yields were estimated at <10-3

111




of the methane. For the C;, Cy and C3 hydrocarbons, yields
for the hydrogen atom reaction with the carbon target were
calculated by subtracting the background yield from the total
in the sample. This method of calculating the hydrocarbon {

yield assumes that the background level of hydrocarbons is

not affected by the presence of the competing process at the
carbon target. This subject will be discussed later.

The data obtained from 25 experiments are shown in
Table III. The hydrocarbon yields are presented in terms of
moles of hydrocarbon formed per mole of molecular hydrogen
fed into the reactor at the stated temperature. 1In Figures
4, 5 and 6 the data are shown graphically for methane, ethane
and propane. The scatter of the individual points on the
methane curve shown in Figure 4 may be considered as acceptable
in terms of the expected experimental errors, but the scatter
of fhe points on the ethane and propane curves is considerably
larger. The reason for the increased scatter in these data
points is not certain. It was observed that yields of ethane

and propane obtained in a low temperature experiment performed

g

directly after a high temperature experiment appeared to be
significantly higher than the yield obtained when performing
two low temperature experiments consecutively. This behavior '
suggests some type of hysteresis effect is occurring which

results in these hydrocarbons being more slowly released

during sample collection, than the methane. It is probable ‘

that these two hydrocarbons are more strongly adsorbed by
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the surfaces in the reactor than the methane, and this might
account for the rather poor precision of the data. Unfortun-
l ately it was not possible to examine this problem in more

detail.

: The data presented in Table III for yields of ethylene

) and propene in’the H atom-carbon reaction shows in many cases
‘ negative values. This situation arises from the mode of
calculations of the yield which was explained earlier. The
negative values indicate that smaller quantities of ethylene
and propylene are being formed in the presence of the carbon
target than in its absence, suggesting that the interaction
of the H atoms with the carbon target reduces the background
yield of these hydrocarbons. From the data presented in
Table III for CZH4 and CBH6’ it appears that their respective
yields are not noticably temperature dependent. Assuming
this to be true, the average yield of CZH4 = -(0.009 + 0.039)
: x 1073, and of C,H, = -(0.0014 + 0.0035) x 107> moles per mole

376
of H, fed to the reactor over the temperature range investi-

gated. The error limits associated with these values are

quite large, consequently it cannot be unequivocally stated

———

that no ethylene or propene is formed during the H atom-carbon
reaction. However the data do suggest values close to, if

not zero, for yields of these two unsaturated hydrocarbons.

..y g . ———

A To add further credence to this conclusion, at the end of -the
series of experiments the carbon target was removed from the

reactor and the background yield of hydrocarbons again determined.
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After some 80 hours of conditioning the yields of hydrocarbons
were all found to agree, within the experimental error, with
the values obtained previously.

Finally in Figure 7 an Arrhenius plot of the H atom-carbon
reaction data is presented, based on the methane yields
given in Table III. Three distinct reaction regions are
indicated. A least squares fit on the data resulted in
activation energies for the production of methane of, 4.5 +
1.2 keal mole™l, 0.15 + 0.05 kcal mole™! and 0.94 + 0.20
kecal mole-1 in the high, medium and low temperature regions
respectively. The precision limits are the standard deviations
calculated from the experimental data. No attempt was made
to fit the data obtained from the ethane and propane yields
to an Arrhenius type curve due their poor precision.

Hydrocarbon Product Distribution

The present investigation has established that the
reaction of hydrogen atoms, at an initial temperature of
about 2600°K, with a carbon surface at approximately 30°C
produces the following saturated hydrocarbons, CH4N91 mole 7%
C2H6~8.6 mole % and CBHsmO.A mole %. These ratios do not
appear to vary significantly over the temperature range
studied. There is a possibility that very minor amounts
of C2H4, C3H6 and C4 species may also be formed. 1In earlier
studies on the atomic hydrogen-carbon reaction, Wood and Wise(9)

(1969) reported hydrocarbon yields of CH4m91% with C, through
C8“9%; Harris and Tickner (2) (1947) have reported CH4N91% and
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Cy through C5m9%. In both these studies low pressure electric
discharges were used to produce hydrogen atoms. In the

former study, sufficient expefimental details were given to
indicate that ionic species from the electric discharge probably
did not take part in the reaction. The possibility that some
H atom attack on O-rings in the system occurred cannot Be
ruled out. The reported presence, though presumably small,

of hydrocarbons in the C4 through C8 range suggests, based on
the results obtained in this study, that H atom attack on

some material other than the carbon target occurred. Lack of
experimental details does not allow an assessment of the
validity of the results obtained in the Harris and Tickner
study to be made. 1In the study by Gill, Toomey and Moser (7)
(1967) low pressure thermally produced hydrogen atoms react-
ing with various carbons were reported to produce methane
yields from 89.4 to 49.8%, with higher hydrocarbins, C2--C4
making up the balance. In this study hydrogen atom attack

on organic material within the reaction vessel undoubtedly
occurred, and these results must therefore be discounted.

It is not possible to compare the values obtained for the
relative yields of the individual_higher hydrocarbons deter-
mined in this study, with those of earlier investigations,
since either no specific data were given, or in those

cases where they were (9), the experimental procedures were

obviously unreliable.



It has been suggested that CH4 is the primary
product in the H atom-carbon reaction and that higher
hydrocarbons are the result of secondary processes. The latter
could be surface or gas phase interactions between H atoms and
CH4 or between radical species, CH3, CH2 or CH. 1In the present
invéstigation, significant quantities of both CoH, and C,Hg
were formed in addition to CHA’ and although the experimental
conditions probably eliminated secondary gas phase reactions,
secondary surface processes could certainly have occurred.
The possible primary or secondary nature of C2H6 and C3H8
in the H atom-carbon reaction cannot be determined frocm data
obtained in this study. Had the precision of the yield data
for_both CZH6 and C3H8 béen comparable to that for CHq, and
reaction studies made with different H atom flux rates,
more definite conclusions with respect to this questicon might
have been obtained. Further clarification of this point
could probably also have been derived from electron spin
resonance and matrix isolation investigations.

The finding that methane comprises 91% of the tcral
hydrocarbon yield in the H atom-carbon reaction in this
study and those of Wise (9) and Harris (2) is interesting
in that different reaction conditions were used. 1In this
study the initial hydrogen atom temperature before interact-
ing with the carbon target was 2600°K, whereas in the earlier

studies hydrogen atom temperatures in the range 300° - 373°K

were used. Despite these differences the relative yield of
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of methane with respect to the other hydrocarbons remained

unchanged, implying that the factors responsible for the
observed product distribution are independent of the H atom
temperature. Surface controlled phenomena appear to be domi-
nant. The effective hydrogen atom pressure at the carbon
target in this study was at least a factor of 103 lower than
that used by Wise (9) and Harris (2). 1If gas phase reactions
were important in determining the product distribution a
noticeable variation between the different investigatidns
might be expected. That this was not the case again suggests
that the carbon surface reactions largely control the product
distribution.

H Atom-Carbon Reaction as a Function of Temperature

The investigation of the hydrogen atom-carbon reaction
as a function of temperature was followed by measuring
hydrocarbon yields over the temperature range 300-1220°K.
The best data were obtained for methane and showed that the
reaction rate increased continuously with temperature over
the entire range. Similar trends were found for ethane
and propane. In two earlier studies a maximum in the
reaction rate at about 720°K (9) and 820°K (8) was reported.
The former study was based on the carbon removal rate after
H atom attack, while in the latter, the methane yield was
used as the rate indicator. These results are in obvious
disagreement with those obtained in this study. The maximum

was justified in terms of the thermodynamic instability of
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methane at about 850°K (8,9) at which temperature its free

energy of formation changes from negative to positive. ‘

These arguements must be regarded as specious since the

thermodynamic instability predicted for methane at 850°K
requires Hy and CH4 to be at unit fugacity and for carbon to
be in its standard state, with a state of thermodynamic

equilibrium existing between the three species. Obviously

e N T,

in the H atom-carbon reaction, these criteria for the
application of thermodynamic reasoning do not apply, and in
fact, the conditions are deliberately chosen so that the
results are kinetically controlled. 1f thermodynamic reason-
ing in any form could be applied to the reaction, and have A
any meaning, the system 4H + C = CH4 should have been conside-
red. It is easily determined that for this process the
reacﬁion at 850°K has a free energy changes of abcut -160 kcati,
Simply, a maximum in the H atom-carbon reaction rate cam:t
be justified on a thermodynamic basis. It is probable that
in the earlier studies pyrolysis of the hydrocarbon reacticn
products on the high temperature carbon target was respcasible
for the observed maximum product yield temperature. In the
experimental design used in the present study pyrolysis of
this type was kept to a minimum by virtue of the high pumping
rate of the liquid helium cold finger.

From the Arrhenius plot of the experimental data for
methane shown in Figure 7, three fairly well defined different

reaction regimes were found; 300 to 500°K, E = 0.94 + 0.20
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keal mole™!, 500 to 1,000°K, E, = 0.15 + 0.05 keal mole
and 1,000 to 1,200°K, E_ = 4.50 + 1.20 keal mole™l. It
should be noted that the data shown in Figure 7 must be
considered as a pseudo-Arrhenius plot since the temperatures
of the H atoms and the carbon target were considerably
different from each other, whereas the simple reaction rate
theory assumes equal temperatures for all reactants.
Justification for the occurrence of three different reaction
rate regions might be possible if data were available on the
adsorption characteristics of H atoms on a carbon surface;
unfortunately this is not the case. Data on the adsorption
characteristics of molecular hydrogen on carbon (13,14) are
known. Below 100°K hydrogen is physically adsorbed; between
100 and 550°K, it is only very weakly adsorbed; between 550
and 950°K, slow changes in the adsorption characteristics
occur and above 950°K strong adsorption occurs with the
equilibrium being rapidly attained. A heat of adsorption of
~50 kcal mole“1 was obtained indicating strong chemisorption
ir: this latter region. It is interesting to note that the
three different temperature regions for the adsorption of
molecular hydrogen on carbon roughly parallel the three
different reaction rate temperature regimes for the atomic
hydrogen-carbon reaction. It appears highly probable that
above 1,000°K the rapid chemisorption of molecular hydrogen

and possibly atomic H could be responsible for the increased

reaction rate observed in this region.



Although activation energies for the H atom-carbon
reaction have been reported (6,9), the values were based on
the rate of carbon removal, not on the yield of methane as
in this study. Since ephane and propane are produced in
significant quantities in addition to the methane, the two
sets of activation energies are not strictly comparable.
However, in this study the yield of both ethane and propane
followed similar trends with temperature as that of methane,

and it is possible that the activation energies based on

methane yields and carbon removal rates are not too different.

Wise (6) has reported activation energies based on carbon
removal rates of 9.2 and 7.1 kecal mole-l, in the temperature
range 365 to 500°K, and 5.15 kcal mole ! in the 450-715°K
region. These values are all considerably larger than those
obtained in this study. Hydrégen atom temperatures below
370°K were used in the carbon removal rate method of deter-
mining activation energies, (6,9) whilst in this study
hydrogen atom temperatures of 2600°K were used. The latter
have a thermal energy (translational) a5 kcal mole'1 whereas
the former have about 0.7 kcals mole—l. If the hydrogen
atom translational energy is ihportant energetically in the
H atom-carbon reaction, then the activation energies
obtained in this study should be increased by about 4 kecal

1

mole = to be comparable with those of the earlier studies.

This improves somewhat the agreement between the two different

sets of experimental activation energies.
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Hydrogen Atom-Hydrocarbon Conversion Efficiency

The data obtained in the present study allow some limits
to be placed on the efficiency with which hydrocarbons are
produced in the H atom-carbon reaction. In the following
calculations it is assumed that all hydrogen fed to the
reactor leaves the effusion tube entirely as atoms, From
data in Table III’calculations shows that 1 mole of hydrogen
atoms formed in the reactor result in the production of about
1.25 x 107 moles of CH,, 1.2 x 107 moles of C,H, and
7.5 x 107 moles of C4Hg at 30°C. If it is assumed that all
hydrogen atoms effusing into the reactor can potentially
react with the carbon target to producé hydrocarbons then
0.6%, 0.07% and 0.06% of the atoms are utilized to form
respectively CH4, C2H6 and C3H8. These figures imply that
one out of every 140 hydrogen atoms entering the system is
involved in the formation of hydrocarbons.

Of course, not all of the hydrogen atoms formed in
the reactor have an opportunity to interact with the carbon
target. Using molecular beam properties and the geometry of
the reactor system, (15,16,17 & 18) it may be shown that
between 60-70% of all atoms leaving the effusion tube will
interact directly with the carbon target. It is possible
that some H atoms interact with the carbon target after
undergoing reactor wall collisions. The number of such

secondary target collisions is likely to be small since the
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target surface area <« than the total internal surface area

of the reactor. Assuming that only those H atoms interacting
with the target directly after leaving the effusion tube are
likely to produce hydrocarbons, the fraction of atomic
hydrogen collision leading to CH4, C2H6, and C3H8 is calcu-
lated at approximately 1.0%, 0.1% and 0.1% respectively.
These numbers imply that about one out of eighty three

H atoms colliding with the target produces hydrocarbons.

At about 950°C, the hydrocarbon yield values are increased
by about a factor of three and hence the collision efficiency
of Hatoms to produce hydrocarbons becomes about one out of

twenty eight H atoms.

It is not possible to compare directly the H atom-hydro-
carbon conversion efficiencies 6btained in this study with
those of other workers, since the data are either not reported,
or the experimental conditions are not analogous to those
used in the present study. 1In two studies (9,11),where the
latter condition holds, H atom conversion efficiencies were
reported of between one and two orders of magnitude lower
than obtained in this investigation. 1t appears prcbable
that the higher hydrogen pressures used in the earlier
studies, resulted in experimental conditions in which H atom
recombination rates.were substantially greater.than in the
present study with the corresponding dimunition in hydro-

carbon forming processes.
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CONCLUSIONS

1. The reaction of atomic hydrogen with carbon at 30°C
results in the production of CH4m91%, C2H6k8.4%, and C3H8m
0.6%. The formation of C,H,, CqHg and C, species in the
reaction is zero or close to zero.

2. About 1.2% of the atomic hydrogen interacting with the
cafbon target is converted to hydrocarbonsat 30°C. At 950°C
this fraction increases to about 3.6%.

3. Over the temperature range 30-950°C the hydrocarbon
product distribution remains essentially unchanged

4. Previous reports of a maximum in the hydrocarbon yield at
720-820°K were not substantiated. The previously reported
maximum is believed to be a function of the experimental
arrangements.

5. The H atom-carbon reaction rate to produce methune has
three distinct phases. Activation energies were determined-
300 to 500°K,Ea = 0.94 + 0.20 kecal mole-l; 500 to 1000°K,

B, = 0.15 + 0.05 keal mole”'; and 1000 to 1200°K, E_ = 4.5
+ 1.2 keal mole™?
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TABLE I1I

HYDROCARBON YIELD AFTER CONDITIONING THE REACTOR FOR A
PROLONGED PERIOD OF TIME (~80 HOURS) AT A H\fDROGEN FEED
RATE OF 2 x 10”2 MOLES/HR™ '

Hydrocarbon Moles of Hydrocarbon per Mole of
H2 Fed to the Reactor
_a(a)
CH, (1.69:0.21) x 1073
C,H, (1.1840.27) x 1074
C,H, (1.4240.20) x 107
CqH (7.5 + 1.6) x 1070
C4Hg (2.55+0.34) x 107
(a)

Reported error limits are the standard deviations of the
observed experimental values.
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PROBLEMS IN PULVERIZED COAL AND CHAR COMBUSTION

By
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Robert H. Essenhigh, Professor of Fuel Science

Combustion Laboratory
The Pennsylvania State University
University Park, Pennsylvania 16802

Abstract

Interest in char combustion derives from the need to utilize
the char produced during some gasification processes. Successful
use of char in combustion may depend on use with supplementary
fuel. The critical factor determining this appears to be the char
"reactivity" which may be variations in intrinsic reactivity
depending on differences in thermal history, or it may be dependent
on differences in internal surface. In preparation for an
experimental program to determine the relative significance of
these alternatives (or others), what are considered relevant
contributions is the existing experimental literature have been
re-evaluated. Although overall surface reaction rates have been
evaluated for many coal chars there appears to have been a
fundamental omission in the kinetic analysis, and an attempt to
remedy this has been made. The picture now developed is that of
char particles that may burn either in Zone I or Zone II depending
on the particle permeability. Zone III combustion is not encountered
with particles below about 100 microns. In Zone I and.II combustion,
however, the intrinsic reaction is evidently a zero order, high
activation energy process (E about 45 kcal) at temperatures in
the region of 1000°K, changing to a first order, low activation
energy process. (E about 7 kcal) at temperatures approaching
2000°K, with both processes significant in the transition range
between the two limits, This new evaluation modifies the conventional
views of reaction order and activation energies.

Introduction

The dwindling supplies of natural gas and the predicted
shortage of oil have initiated considerable research concerned
with the conversion of coal to easily utilizable synthetic gas
and oil. These conversion processes inevitably yield a high
proportion of relatively unreactive char as a by-product. In
order to render the overall process economically viable, the
char must be recoverable as an energy source. This necessity
to return to coal has reopened the whole field of study on
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p.f. combustion to reanalysis in order to gain deeper understanding
of several phases of the general process still not totally understood.

This paper will provide a critical evaluation of the state of
the knowledge on the subject of p.f. combustion, reviewing all
the possible mechanistic processes involved and distinguishing
between those that are generally accepted by the majority of
workers in the field and those that are still questionable, either
because of inadequate experimental evidence or because of arguable
theoretical interpretation.

A theory cannot be acceptable until it is formulated in such
a manner that certain definitive experiments are able to substantiate
it or disprove it. Mere data gathering is not sufficient; the data
must be used to the fullest extent to positively identify the
proposed mechanisms. Can certain elusive questions concerning the
mechanisms of p.f. combustion be answered by reanalysis of existing A
data? An attempt to answer this has been made by a reanalysis of
rate data for the combustion of a size graded char (1). Nevertheless,
the total process is still not fully comprehended. Differences {
in opinion on many of the issues involved are converging to agreement,
but outstanding questions still need answers backed up with the
necessary experimental data and theory. Even with the much less
complicated reaction of the purest carbon with oxygen, which
has been investigated for many years, there are still many unknowns.
The coal system is much more complex, involving in many cases
simultaneous mechanisms and great advances in comprehending the
process have already been made. Hopefully, by isolating the
unknown from the known, and by carefully designing experiments
to test disputable points, an even finer comprehension of the
processes involved in the combustion of p.f. wil]l be obtained.

From a macroscopic viewpoint, the combustion of p.f. particles
can be broken down into two main processes: (i) pyrolysis of
volatiles and their subsequent combustion, and (ii) heterogeneous
combustion of the solid residue. These two processes will be
dealt with separately in spite of the frequent overlap of the
volatile and heterogeneous regimes.

The following topics and the degree to which they are currently
understood will be discussed:

(1) Effect of temperature, time history, rate of heating and
environment on the evolution of volatile matter.

(2) The temporal sequence of devolatilization and heterogeneous
combustion.

(3) Reaction order in oxidant and activation energies in s
heterogeneous combustion.

(4) The relative importance of chemisorption and desorption i
control.

(5) Particle size dependence of combustion characteristics. {
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(6) Change in total available surface area during combustion:
pore size distribution and modification.

(7) Relative importance of mass transfer and chemical control.

(8) Discrepancies between the interpretation of available
kinetic data on the combustion of char particles.

(9) Effect of internal diffusion through the porous structure
of particles.

(10) Real and apparent orders and activation énergies in the
combustion process.

A
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Pyrolysis

Introduction

When coal is pyrolyzed the central mechanism can only be
the detachment or chemical formation of components of a volatile
nature that are then able to escape from the solid involatile
matrix under varying circumstances. It should theoretically
be possible to isolate four regimes for pyrolysis of coal particles.
If the volatile components are able to escape from the matrix
as rapidly as they are formed, the overall rate of the pyrolysis
will be controlled by the chemical reaction for the volatile formation.
When diffusional escape of volatiles takes a finite time which
is long compared with the reaction time, the diffusion process
will determine the pyrolysis rate. For larger particle sizes or
higher heating rates, so that a temperature gradient is generated
within the particle, the condition for a pyrolysis wave can be
obtained. Here pyrolysis will occur in a zone with unreacted
material on the one side and devolatilized char on the other.
The pyrolysis rate is then determined by the rate of heat input
into the interior of the particle and not by the reaction rate
or the diffusional escape. At even higher heating rates, heat
reaches the pyrolysis sites faster than it can be utilized and
the temperature rises rapidly and the pyrolysis becomes reactivity
controlled once more. In the limit the particle could theoretically
reach such a temperature that particle burn out could be complete
before any significant pyrolysis had time to occur. Such a situation
is believed to occur in the explosion flame system.

In the past it has been generally assumed that in pulverized
coal flames particle pyrolysis proceeds heterogeneous carbon
burn out and that ignition occurs in the volatiles, however
there is some evidence (2) to modify this simple concept and their
conclusion is that there is parallel pyrolysis and heterogeneous
combustion in the flame and that the ignition itself was heterogeneous
in origin. :

It has been customary to classify coal by means of the proximate
analysis test wherein the coal is devolatilized in a crucible under
specified conditions of sample size, temperature, and duration of
decomposition. Coal has long been considered to be made up of
fixed amounts of volatile matter and involatile "fixed carbon"

(3), (4), and the proximate test categorizes the coals in terms

of percentages of fixed carbom, volatile matter and ash on a

dry basis. This test procedure is an example of a medium rate of
carbonization. In the pulverized coal flame heating rates may be

as high as 10% or 10° °C/sec., so information obtained about pyrolysis
from the proximate analysis test may or may not be relevant to the
situation in the p.c. flame. Attempts to approach these high

heating rates in the study of pyrolysis and hence more nearly to
approximate the conditions im the p.c. flame have been made by
several workers.
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Loison and Chauvin (5) devolatilized 50-80 micron coal
particles on a wire gauze electrically heated to 1000°C (heating
rate = 1500 °C/sec.,) and found that the yeild of volatiles
produced was often greater than the yield of volatiles obtained
by the proximate test, They also noted changes in the composition
of the volatile products, obtaining a higher ratio of tars to
gas at the higher heating rates.

Badzioch and Hawksley (6) designed an apparatus not only to
approximate the heating rates in a p.c. system but also to approximate
the environment of pyrolysis in those systems. They used an
essentially isothermal flow reactor and devolatilized the coal
particles (size graded) in nitrogen which acted as dilluent and

. lnert atmosphere. They thereby eliminated the complications of

combustion of volatiles and heterogeneous reaction and concentrated
only on the pyrolysis process itself., Their results will be discussed
in more detail later but the essential results were in agreement

with Loison and Chauvin, that the weight loss produced was in all
cases greater than the difference in the proximate volatile yield

of parent coal and partially pyrolized char.

Kimber and Gray (7) using essentially the same apparatus as
Badzioch and Hawksley also found the weilght losses during pyrolysis
to be considerably greater than the proximate analysis results.
They pyrolized to much higher temperatures (=1900 °C) and were
able to obtain theilr weight losses by direct measurement, whereas
Badzioch and Hawksley used ash as a tracer.

Howard and Essenhigh (2), using a plane flame furnace have
studied the devolatilization process in conjunction with the
heterogeneous combustion of carbon and the combusion of the
volatiles. On the basis of thelr results, they have formulated
an overall picture of the combined process and its temporal sequence,
this will be discussed later.

It is thus apparent that the amount of volatiles produced from
a coal is not a constant quantity but depends to a greater or
lesser extent on the following factors:

1) rate of heating

2) final decomposition temperature obtained

3) duration of the decomposition at that temperature

4) the environment under which the coal is devolatilized

Points of General Agreement

It is now generally agreed that pyrolysis is an activated process
and the amount of volatiles produced and their composition will
depend on the conditions. Different results are expected between
the relatively slow decomposition of particles in a closely packed
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bed and rapid decomposition of particles in a dilute suspension,

like a dust cloud. In the first case pyrolysis products have

time to interact with each other and with other partially pyrolyzed
coal particles in their passage through the bed, while in the

second case the volatiles are rapidly diluted in a gaseous environment
which effectively prevents mutual and particle interactions.

Badzioch and Hawksley (6), postulate that the yield of volatiles
depends upon the rate of heating, the final temperature and the
duration of heating at that temperature, and on the dilution effect.
They devolatilized the coal at short heating times at essentially
isothermal conditions so they could not therefore substantiate the
first of their postulates. However, they found that the weight
loss between the original coal and the char produced was always
greater than the change in the proximate volatile matter of coal
and char. This change in volatile matter AV was measured as a
percentage of the original dry ash free coal.

AV = VM - R
o] i
. . N ’
where VM was the proximate volatile matter of original dry ash
free coal and R was the proximate volatile matter of the char
produced expressed as a percentage of the weight of the original
dry ash free coal.
The weight loss was AW where
AW = 100 - Y
and Y was the yileld of char expressed as a percentage of original
dry ash free coal. The experimental conditions did not allow them
to directly weigh the char produced so they assumed that no ash would
be lost during the decomposition process and thus could be used as
a tracer. They showed the correlation between AW and AV to be linear
but the regression line did not pass through the origin. This {
apparent anomaly is discussed later. The constant of proportionality
was termed Q so that
AW = Q av ]

Kimber and Gray (7), also found Q factors for the coals
studied to be greater than one. They found that the devolatilization
at higher heating rates appeared to be a two stage preccess; that
the amount of weight loss increases with increasing heating rate
although they admitted that at short heating times the effects of
rate of heating and final temperature could not be isolated; that
the amount of weight loss increased with increased temperature.
The important conclusion of Q factors being greater than one is
that during pyrolysis either some of the so called fixed carbon-

is lost as volatile matter and thus the quantity of fixed carbon
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determined by proximate analysis decreases, or that the proximate
test fails to show all of the possible volatile matter and that
some portion of it is somehow captured or otherwise altered by
the coal during the carbonization.

Points of Disagreement

Although it is accepted that AW is not equal to AV, the reasons
for this inequality are not fully agreed upon.

The phenomena can be caused by one or a combination of the
following:

1) rate of attainment of final pyrolysis temperature
2) value of final temperature and duration of the process

3) devolatilization environment

Badzioch and Hawksley (6), claim that the mechanism and the
amount of decomposition depends on the rate of heating. However,
in the analysis of their data they subtract out the correction for
the heating stage of the particles arguing that since the rate of
decomposition is sensitive to temperature the amount of decomposition
that occurs during the heating stage is negligible, so actually
they observe weight losses for isothermal conditions. Howard and
Essenhigh (2), claim that the amount of volatiles produced depends
on the final temperature, the duration of the process and the particle
size, i.e., when a particle is large enough to sustain a temperature
gradient within it. They do not specify the possible effects of the
environment of pyrolysis, yet they do warn that considerable discretion
must accompany the use of experimental results obtained under conditions
differing markedly from those of the application. Preliminary
results obtained in this laboratory on the effects of markedly
different rates of heating on the amount of volatile matter produced
are discussed later.

Badzioch and Hawksley (6), infer from their experimental data
that the variation of volatile matter with time for isothermal conditions
may be exponential and they expressed the fractional volatile change
in the form:

1-o0of1 - exp(;kr)]

AV/VM
o

For decomposition temperature >900°C the proximate volatile matter

of the char had almost reached a constant value in the 100 millisecond
pyrolysis time considered (8). Kimber and Gray found that for decomposition
temperatures above 1000°C the weight loss was even higher and at 1900°C

the residual proximate volatile matter in the char approached zero.
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The environment of pyrolysis effect has been discussed earlier
and it is agreed that the physical conditions under which the
decomposition occurs does indeed affect the volatile yield. However,
the relative importance of this effect over and above the other factors
has never been satisfactorily demonstrated. Recent results obtained
in this laboratory shed more light on the quantitative significance
of the effect and are discussed below.

Attempted Clarification of Disputed Issues

Badzioch and Hawksley (6), found that the regression line on
their plot of AW against AV did not pass through the origin and
dismissed this as an artifact they thought was caused by a loss
of ash; however, another explanation could explain the effect.

The slope of this plot AW/AV was termed Q and represented a correction
factor proposed to account for the fact that actual weight loss
incurred during pyrolysis under certain conditions for a coal

could be different from that measured by the change in volatiles in
the proximate analysis procedure. Dryden (9), has discussed the possi-
bility that volatiles could be entrapped or cracked within the
interstices and pores of the coal particles and this could be
responsible for a lower yield of volatiles than would have been
obtained with finer particles or with a thinner bed or maybe

with ambient sweep gas to remove the volatile components rapidly

from the vicinity of the pyrolyzing particles. The extreme

example of this latter case is, of course, the pyrolysis environment
produced in the Badzioch and Hawksley experiments.

The reason for the Q factor being greater than unity would seem
therefore to be either the eliminatrion of these entrapments, cracking
and back or side reactions or the actual loss of the so called fixed
carbon because of conditions not realized in the proximate test.

Of course, both effects may be present to varying degrees of
significance.

Let us assume there to be a capture factor for the parent coal

o such that

VM = VMact(l - a)

where VM is the proximate volatile matter of the original coal

‘and VM is the "real" volatile matter of the original coal and

o is tAE€ fraction of the volatile matter that is captured or otherwise
lost during the proximate analysis procedure.

Then the weight loss is

AW = —_
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where R 18 (as defined by Badzioch and Hawksley) the proximate
volatile matter of the char and B i1s the capture factor for the
char, which because of partial devolatilization and physical changes
in nature is assumed to be different from that of the parent coal.

AV = VMo - R by definition

i AV + R R
thus AW = 1 - a T- B

- AV ! R |
and AW = 1o + R 3= m 1 - B]

But R 1s not a constant so we substitute (VMo - AV) for R in the
above; thus

Av e-B8
AW =TT v g oa gy
thus AW = QAV - Q(B - a)VMO/(l - a)
_oddw) 1
where Q = V) = 1 -8

This represents the equation of a straight line with slope 1/(1 - B)
and intercept Q(B - ) VMO/(l - a).

When AW = 0, AV =VM (B - a)/(1 - @)
[o]

and if B> a, then AV>0
When AV = 0, AW = QVMo(u - B/ - )
and if B>a, then AW<O

Although this adequately explains the intercept obtained on
the AW against AV plot, it was necessary to determine the expected
magnitude of a capture factor effect in the proximate analysis
test, s0 a series of experiments were performed in this laboratory,
whereby the percentage weight loss obtained in the test was plotted
as a function of the depth of coal (proportional to weight) in the
crucible. The experiments were carried out to the exact specifications
of the ASTM test procedure apart from the variation in the quantities
of coal used. The results obtained are shown graphically in Figure I.
It can be seen that there is a significant effect that can be
attributed to a capture factor, yet the effect is not of sufficient
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magnitude by itself to explain a Q factor as high as 1.5 or.1.8.
The effect shown is of the order of 10 percent. For a Q factor

of 1.5 the effect would have to be on the order of 30 percent.

Thus although volatile capture does apparently occur in the
proximate test, the effect is not large enough to cause the
difference between AW and AV produced in the Badzioch and Hawksley,
and Kimber and Gray experiments. The only other explanation is
that some of the "fixed carbon" is actually lost during the
devolatilization produced under the conditions of their experiments.
This almost certainly means that a similar process is occurring

in p.c. systems.

In Figure I the squares represent pyrolysis at 1200°C and
there is no difference in percentage weight loss than at 950°C.
The lower pointsshow devolatilization under conditions of very
slow rates of heating, approximately 20-30°C/minute. There is a
significant lowering of percentage weight loss under these conditions
which suggests that the rate of heating does have an effect upon
the quantity of volatiles produced.

As an extension to the two component hypothesis of coal,
it appears as if there is a transitional component between
the fixed carbon and the volatile component parts which may become
volatile or involatile depending on the conditions of decomposition.
If the pyrolysis is rapid the thermal energy flux is high enough to
promote a substantial portion of the transitional component to the
vapor phase. With slow decomposition, preferential polymerization
occurs with the evolution of a smaller proportion of volatile matter,
the remainder adding to the fixed carbon. This three component
hypothesis of coal seems to be well supported from the experimental
evidence quoted in this paper.

Remaining Questions

A knowledge of the processes occurring during pyrolysis of
coal is required for understanding the combustion of coal particles
in p.c. flames, and the way in which the pyrolysis results are used in
calculations of p.c. systems will depend on just when and in what
order pyrolysis and heterogeneous combustion occur. Essenhigh and
Howard (2), suggest that the heterogeneous combustion and pyrolyss
occur simultaneously in the plane flame system, but the complexities
of studying both combustion and decomposition together make such
conclusions extremely difficult to establish.

Although it is accepted that pyrolysis is an activated process,
values for activation energies are varied. Juntgen's studies (10),
showed that the activation energies for the processes could be
divided into two ranges; either 15 or 30 kcal/mole which he identified
as activated diffusion and chemical decomposition respectively.

He used an average or global activation energy concept in his
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analysis of the pyrolysis of coal (11). Badzioch and Hawksley
obtained an activation energy of approximately 18 kcal/mole for
all the coals that they studied, while the activation energy
quoted by Van Krevelen (12), for coal carbonization is about 56
kcal/mole.

The modes of devolatilization and their dependence on particle
size are now beginnjing A to be understood, and it should now be
possible to assign limits to the various pyrolysis regimes already
mentioned. Two models for pyrolysis are proposed by Essenhigh and
Howard (2), the first assumes devolatilization occurs uniformly
throughout the particle, so the rate of reaction at any time is
proportional to the mass (or volume) of unreacted material
remaining in the particle, i.e., pyrolysis is a volumetric reaction.
Since the total mass of material is independent of the size of
particles containing it, the model indicates that pyrolysis should
be independent of particle size. The second model assumes pyrolysis
to occur in a thin zone surrounding a core of undecomposed material,
here the mass of volatile matter present in the zone is proportional
to the surface area of the particle, thus the pyrolysis should
show a particle size dependence. For the p.c. system they eliminated
the latter model on grounds that: 1) the observed time required
for pyrolysis was much greater than that predicted from the model
for both physical and chemical control, 2) that evidence from
Ishihama (13) indicated that there is no size dependence below
60 microns diameter, and 3) an estimation of the temperature distri-
bution inside the particle in a flame indicated that the pyrolysis
could not be a surface reaction due to a temperature gradient
inside the particle for diameters less than about 50 microns. Thus
for particles smaller than approximately 50 microns, the rate of
pyrolysis should become independent of particle size and be first
order in unreacted volatile material.

145



Heterogeneous Combustion

Generally Accepted Mechanisms*

In the reaction of a gaseous component with a solid surface
it is generally agreed that the process can be divided into
three basic steps:

1) Transfer of the gaseous reactant to the solid surface

ii) Chemical reaction of gas with the surface

1iii) Diffusion of the products of the reaction away from

the surface

Considering now the carbon oxygen system we can say that the
rate of weight loss of carbon per unit external surface area Rt
is given by the so called "resistance equation':

Ry = 1Ry + 1fRepeq

Here Rmt represents the rate at which oxygen molecules are transported

across the boundary diffusion layer to the surface where they immediately

react to form products and R represents the case when there is
no resistance to transport of oxygen molecules to the surface but
~ that the reaction takes a finite time. Thus R and Rchem are the

limiting values for mass transfer and chemical™Feactiofi.

If the rate is controlled exclusively by the mass transfer
process, this implies that the concentration of the oxidant at
the surface is effectively zero so the particles if spherical can
be treated as impervious spheres, no matter what their internal
structure is, which shrink from the outside surface inwards as
the reaction proceeds at constant density, thus:

-dm _ 2 dr 2
T 4t N Frii 4rr Rt
g -
and T = - ié dr (@D
t T
o

where Op is the density and 1 is the burning time when r = 0.

If there is turbulent mixing throughout the system of oxidant
gas and carbon or coal particles and thus relative motion between gas
and particles, the boundary layer thickness can be reduced and mass
transfer across it is enhanced. It can be shown that for a relative
velocity of u, the rate of mass transfer is given by:

*The authors of this paper are indebted to the excellent review
article of Mulcahy and Smith (14) for the formulation of this section.
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R (W0 = Ry (u=0) [1+a (4 )P )C] @)

where NRe is the gas—particle Reynolds number, NSc is the Schmidt

number and a, b, and c are constants. By taking values for the
constants a, b, and ¢ and evaluating the ratio Rmt(u>0)/Rmt(u = 0)

for various particle sizes at different values of the acceleration,

the conclusion arrived at (14) is that in the p.f. size range

very little increase in mass transfer results even with an acceleration
of 1000 g. It is then reasonable to assume that p.f. particles are
effectively stationary relative to their gaseous environment.

It is then permissible to use Nusselt's (15) treatment for the
calculation of Rmt assuming Fick's Law of Diffusion. The result
of this treatment is:

0.75

Ry, = 48 0g(fn/deo)(T/p ) /32 (3)

where fmis the mass fraction of oxidant in the bulk phase, d is the

particle diameter, p, is the gas density and T is the reaction
temperature, the subseript o refers to standard conditionms. This
shows that the rate is proportional to 1/d and has a small temperature
coefficient. The derivation of the above assumes that one oxygen
molecule liberates two carbon atoms as CO. If account is taken of
Stefan flow (16}, (17) the above expression is modififed to:

T

R = 48 [(Do/d)og(T/Ty)® > InC-yEy)/¥1/32 (&)

mt

Since this equation shows that the rate of mass transfer is
inversely proportional to the particle diameter, as d becomes small
enough R __ will become large so that below a certain particle size

R >> R . When this condition is met the chemical reaction rate
mt chem

will become the rate controlling process. We can then elaborate
upon point (ii) above and differentiate between the process of
chemisorption and desorption, either one of which can be the rate
controlling step.

Expressions for the maximum rates of chemisorption and desorption
in gas/solid systems have been derived (18), (19) and are:

for chemisorption (adsorption)

)1/2

R = [2M0P02/(2nRTM02 ] exp (-E ) gm/cm2 sec. (5)

chem ads/RT

where Ea is the activation energy for chemisorption. This rate

ds
is seen to be first order in oxygen concentration.
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for desorption (from absolute rate theory (7))

KT 4+ gm/cm” sec.
B

= £ exp (-E )
Rchenm des Cs h des/RT (6)

or R

2
chem des [(12RTC)/(N"h)] exp (

-E )
des/RT gm/cm2 sec. (7)

2
where CS = number of carbon atoms/cm” of graphite lattice

transmission coefficient

kB = Boltzmann constant
f+, fS are partition functions
EdeS is the activation energy for desorption

In this case, the rate is seen to be independent of oxygen concentration,
i.e., zero order in oxygen.

The transition between a system whose rate is controlled by
chemical reaction to one whose rate is controlled by mass transfer
is often depicted on an idealized Arrhenius diagram as shown in
Fig. II. .For a fixed particle size as the temperature is increased
the rate of the chemical reaction will increase much faster than the
rate of mass transfer until above a critical temperature T the mass
transfer limits the overall rate of the reaction. The temperature
at which this transition occurs depends on particle size since R
is proportional to 1/d while Rch - is independent of the particle
diameter. Mulcahy and Smith (14§ attempted to estimate the value
of T that would hold for a 40 micron particle 'if the chemical
rate was calculated from equations 5 and 7 and the mass transfer
rate was given by equation 4. However, the assumptions they had
to make 1n order to evaluate these rates from the equations, especially
for the desorption rate are probably unrealistic so that any conclusions
obtained from this ideal analysis should be used cautiously.
Nevertheless their conclusion is that if Ea >5 kcal/mole, combustion
at atmospheric pressure of virtually all particles in the p.f. range
will be chemically controlled.

After Nusselt's work it was generally assumed that the rate
of mass transfer to a particle could be automatically equated
to the rate of combustion, but Hottel and Stewart (21) found
evidence of chemical rate control in a reanalysis they performed
on some existing data. Essenhigh (22) and Essenhigh and Beer (23)
found strong evidence of chemical rate control from their experimental
data and subsequent workers (24), (25) have supported these conclusions.
Mulcahy and Smith (14) have plotted rate data derived from investigations
on the combustion of anthracites, bituminous coals, soots, charcoals
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and bulk graphites on an Arrhenius diagram. They have plotted

on the same diagram the theoretical line for mass transfer to

a 40 micron particle and although the plotted rates are considerably
scattered, they are all less than the rate of this mass transfer

to a 40 micron particle. Also the strong dependence of the rate

on the fuel type is very indicative of chemical control. All this
evidence tends to strongly imply that chemical control is operative
in the combustion of p.f. sized particles at atmospheric pressure.

In the above discussion we have been implicitly considering
the particles to be impervious and that they burn at constant
density as progressively shrinking spheres. Although this is
implied it in no way changes the qualitative conclusions that have
been arrived at. However, in order to study practical systems
of combusting particles, we must realize that this simple model
is often incorrect, The variation in chemical reactivity of a
particle can depend on the intrinsic chemical nature of the
material or on the physical structure of the material. The most
likely factor determining the reactivity is the total surface
area available to the oxidant, this in turn depends on the roughness
of the surface and the porosity of the particle, i.e., on the
internal structure and extent of micro, transitiomal and macropores.
When the particle is porous and oxidant can penetrate into the
interior, the pore structure is modified during the reaction as
the walls of the pores are themselves consumed during the combustion
process. It might be expected that the rate of oxidation would
increase from low to 50 percent burn off as the -accessibility of
surface increases, and then decrease as pores coalesce and reduce
the total internal surface area. Microscopic and photographic
examination of coals and chars during various conditions of heating
and combustion have been undertaken (26)-(32) and in some cases
combustion has been observed to occur in the pores. The only
conclusion from this is that the effect of porosity with the
possibility of internal burning must be considered in any discussion
of combustion processes of p.f. particles.

The schematic Arrhenius plot of Fig. III shows the case for
an impervious sphere as well as the case for a porousparticle.
This latter case shows three regimes which are now briefly discussed.

In zone I the oxidant concentration is the same throughout

the particle and equal to that of the bulk phase. The reaction
rate per unit total surface area is

n
Rchem, tot = A C exp (-E/RT) (8)

where n and E are the true order and activation energy for the
reaction.
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In zone II the concentration of oxidant within the porous
structure is not comstant but varies from effectively zero at the
center of the particle to the bulk phase value at the periphery.
Thus the rate of reaction is in part determined by the internal
diffusion of oxidant through the porous structure (33) The
rate of reaction is then given by (14):

1, 1/2

2Nnrp[(rprACn+1 exp (-E/RT)) (n+l) 7] (9)

Rchem

The apparent order is then (n+1)/2 where n is the true order and

the apparent activation energy becomes E/2 where E is the activation
energy in zone I, since both expressions appear under the square
root sign in the rate equation.

In zone III the increase in temperature has increased the
reaction rate so that it has become too fast to control the
overall rate and oxidant molecules react as soon as they arrive
at the particle surface. The overall rate is then controlled by
mass transfer. It is important to realize that there is no sharp
cut off from one zone to another, but rather a continuous transition
between the zones.,

Another regime exists characterized by a solid whose reactivity
is great enough to prevent oxidant penetration further than the
mean free path A, but not fast enough to cause mass transfer control.
This regime is termed the ''outer kinetic region" (17) and has
zone I kinetic characteristics. However in this case there is an
increased area for reaction because of the external roughness of
the surface of the particle.

The regime in which the reaction is occurring can be determined
by calculating the depth to which the oxidant can penetrate into the
particle. If the depth of penetration is L, then from our defirntions
above we see that for rough sphere particles L<x; for zone I L>>r
(the particle radius); and for zonme II A<L<r. Mulcahy and Smith (14)
adopting the idealized pore model of Wheeler (34) used observed
combustion rates to estimate values of L as a function of the
particle porosity (63 and the mean pore radius (r ) using the relation
for zone II conditions:

\1/2
= = C +
L (C 0) Dpe s/[(n D chem] (10) -
where CS is the concentration at the surface. )
They found that L>X for reasonable values of the porosity when Y

rp>0 .1 microns for a reactive coal and rp> .01 for a less reactive

coal. Values of r below .05 microns for reactive coal and 0.005

mlcrons for less_reactive coal gave rise. to rough sphere conditions,
i.e., L<i. For rp> 1 micron all particles
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in the p.f. range were found to be completely penetrated at the
lower chosen value for R At the same pore size and highest

Rchem' particles <20 microns were found to be completely penetrated
(zone I kinetic region) and 100 micron particles were 40 percent
penetrated. Thus the conclusions of this analysis were that if

all the porosity was contained in micropores rough sphere kinetics
would always apply, but if the particle were macroporous, then

zone II conditions would be applicable.

Thus chars produced from anthracites and brown coals which are
highly microporous would be expected to combust under rough sphere
conditions. The conclusions just stated were arrived at by
applying the simple cylindrical pore model developed orginally by
Wheeler (34) to place reactions within porous catalysts on a
theoretical basis. Evidence from microscopy hardly supports
this simple model, many pyrolized particles have complete voided
structures varying from "pop corn'" type through lacy to hollow
cenospheres (35). However the important points to emerge from
this analysis are firstly that the value of the rate of chemical
reaction at the start of the combustion process may not remain
constant throughout the whole burn-out period even in isothermal
conditions because of the evolution of the internal structure of
the particle, and secondly that the temperature and oxidant concentration
are not the only variables to consider when interpreting the kinetics
of such reactions.

Disputed Issues

For a simple reaction the rate per unit surface area can
be expressed as

n
Ropem tor = A C exp (-E/RT) : (11)

where n and E are the true order and activation energy of the
reaction independent of temperature, and A has only a slight
temperature dependence in comparison to the exponential term.
The true parameters n and E in combustion systems have been extremely
difficult to determine for several reasons. Among these reasons are:

(i) the difficulty in avoiding zone II and III conditions

(ii) the difficulty in controlling the particle temperature
because of the high heat of reaction

(iii) the change in the available surface area during the
course of the combustion process

Therefore there is still considerable uncertainty pertaining
to values of E and n for impure carbons. This uncertainty even
applies to the case of pure carbons where although many investigations
to determine the values of these parameters have been undertaken,
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there is still considerable inconsistancy and uncertainty in the
experimental results. Walker (36) et al have reviewed the carbon
oxygen system and point out that as ©' (the surface coverage) tends
to unity, that the reaction order would be expected to be zero with
respect to covering agent and when O' tends to zero, a first order
dependence is predicted. These authors correctly imply that an
important factor affecting ©' is the pressure of oxidant but also

the temperature of the particle surface is probably an equally
important factor. This factor may explain why Gulbransen and Andrews
(37) obtain a zero order dependence at relatively low pressures in

a low temperature range of 400-500°C, and similarly Blyholder and
Eyring (20) obtain a zero order dependence at 800°C at low pressures.
Orders intermediate between zero and one have been found by several-
workers (38)-(42) using highly purified graphites.

Variations in activation energies between about 80 kcal/mole
down to zero have been obtained under various conditions for the
oxygen pure carbon system and for the impure carbon system, similar,
but not so large, variations in activation energy have been found,
with the value often being strongly temperature dependent,

Disagreement also exists in the p.f. system as to the value
and temperature dependence of activation energies. Smith in two papers
on the kinetics of combustion of size graded particles (43), (44)
finds activation energies on the order of 17 kcal/mole and an order
of unity in surface oxygen concentration. He represents R, the
rate per unit external surface area, by an Arrhenius expréssion of
the form: )

2
R. = A exp(—Ea/RTp) gm/cm” sec atm 0

2 (12)

where T dis the particle temperature calculated from a simple heat
balance®on the particle assuming CO to be the primary product (45).

Field (1), (46) in experiments on the rates of combustion
of size graded fractions of char attempted to fit his data to an
expression of the Arrhenius form, but found that the activation
energy could not be taken as constant, but would need to vary
as a function of temperature, decreasing from about 35 kcal/mole
at 1300°K to about 10 kcal/mole at 1800°K. Smith in an attempt to
account for the non-linearity of Field's Arrhenius plot suggested
that Field's data is compatible with a transition between rate
control in zone I to zone II, brought about possibly by the
differences in pore structure of the chars used. However, if
this were the explanation, the activation energy in Field's data
should never fall below a value of E/2, where E is the value
obtained in zone I, hence Field's activation energy should never
be less than 17 kcal/mole, whereas in fact the activation energy
falls to 10 kcal/mole and apparently is still falling with increasing
temperature., The scatter in Smith's data makes it difficult to say
whether E_ is constant or does in fact level off slightly in the
higher temperature region as does Field's data.
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Another possible explanation as to this change in activation
energy with temperature is given in the next section (Attempted
Clarification of Disputed Issues by a Reanalysis of Existing Data),
where some of Field's original data is reanalyzed.

Attempted Clarification of Disputed Issues by a Reanalysis of
Existing Data

Changes in the temperature dependence of a reaction that can
be depicted on an Arrehnius diagram are consistent with change
from chemical to mass transfer dominance as discussed earlier, or
change from zone I to zone II kinetic dominance, also discussed
above. However, the temperature variation of the activation
energy and apparent (or real) order in oxygen can also be explained
by a transition from desorption to chemisorption dominance in the
reaction. Chemisorption is known to occur extensively on carbons
at room temperature (47), so it is reasonable to expect the
activation energy for chemisorption to be low, with the order in .
oxygen being unity. Activation energies for desorption are expected
to be high (20) and an order in oxygen of zero. So we can expect at
low temperatures, where the chemical rate is slow, the surface to
be covered with oxidant so the reaction rate must be controlled by
the desorption process. In this case, the order in oxygen should
be zero for zone I conditions and 1/2 for zone II. The activation
energy E is expected to be high, perhaps in the region of 40-80
kcal/mole?’S As the temperature increases, so does the reaction rate
and the surface coverage tends to zero, so that the process now
limiting the reaction rate is the chemisorption of oxidant onto the
surface of the carbon. This would lead to an apparent and real
order of unity and a low value for the activation energy (E d ).
To lend support to this hypothesis, the results of Field (1? Rave
been reanalyzed in the discussion contained below.

Field (1) shows his results plotted on a linear plot of K
(surface reaction rate coefficient gm/cm2 sec atm) against surface
temperature T °K. The exponentially rising curve shown also on
the same graph represents the best fit to the data of past workers
at atmospheric pressure and at temperatures above 1000 °K, as
given in the review by Field, Gill, Morgan and Hawksley (49).

The curve is given by:

KS = A exp(—E/RTS)
where A = 8710 gm/cmzsec atm
E = 35,700 cal/mole
R = 1,986 cal/mole °K (13)

This exponential curve is based on measurements from other workers
below 1650°K, and it is evident from the graph that the new measurements
of Field are consistent with the curve up to this temperature. However,
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for temperatures above 1650°K, the values of Field's data fall
considerably below the extrapolated exponential curve.

Field therefore represents his data by a linear relationship
of the form:

-0.49 + 3.85 x 10" T (14)

b
n

or K K +AT
[¢] ]

In Field's second paper on combustion rates of p.c. (46), he represents

his rate variance with temperature by the following expression for
various coals:

s = Ks,1600 og’ + A (Ts - 1600) (15)

The simple model assumed for the interpretation of Field's data
is that of the Langmuir Adsorption Isotherm (50). Although this
model is necessarily subject to the underlying assumptions of this
theory (47), the general conclusions derived from this treatment
are applicable.

From Langmuir's treatment, we can say that the rate of reaction
is given by:

K1 Ky pg
Ky pg + Ky (16)

Rate

where K. and K, are the rates for chemisorption and desorption
respectively, and p_ is the oxygen concentration at the surface.

Expressing the rate in terms of Field's nomenclature (1) we have:

X1%2 Ps
KePg = =
Klps + K2
and 1/KspS = 1/K2 + 1/K1ps
where Kl = k1 exp (-E1/RTS) and K2 = k2 exp (—EZ/RTS). Here,
k1 and k2 are the pre-exponential factors for chemisorption and

desorption respectively, and E. and E, are the activation energies
for chemisorption and desorption respectively. Rearranging the
above expression leads to:
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exp (El/RTS) Py exp (E2/RTS)

/K, = —————————— +
° R k2 (16a)
k1ps
/K, = (1/k)) exp (E;/RT) {1 + k exp [(E, - E;)/RT_1}  (17)

E, +RT_ In {1 + b exp [(E2—E1)/RTS]}

s 1 RT
s

This last expression gives an apparent activation energy Ea’ where

Ea = E1 + RTS In [1 + b exp(AE/RT)] (18)

Here there are three variable parameters El’ b and AE"where AE = E2 - E1
and b = klps/kz.

Field's expression for his temperature dependent activation energy
is:

E = RATSZ/KS (eq. 10 ref. (46)) (19)

Values of activation energy E were calculated from equation (19)
at various temperatures T . A 1least squares fit of the activation
energies calculated from equation (19) was performed using the
functional form of equation (18). The fitting parameters that were
varied to obtain the best least squares fit were El’ b and AE.

The results obtained from this analysis were:

E1 = 6,000 cal/mole
E, = 37,000 cal/mole
b = 0.000126

Using these values of the three fitting parameters, equation (18)
matches equation (19) almost exactly.
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Starting with equation (l6a), we can rearrange it in the
following forms:

/R, = (pg/k,) exp(E,/RT) {1+ (k,/k;p) exp[(E,-E,)/RT ]}
/R, = (pk,) exp(E,/RT) {1+ (1/b) exp(-AE/RT )} (20)
and l/Ks = (ps/kZ) exp (EZ/RTS) [1+ X] (21)

Equations (17) and (20) are equivalent forms of equation (l6a).
As the temperature T_tends to zero, X tends to zero, and we see from
equation (21) that K° approaches (kz/ps)exp(—E /RTS), or that Ksps
approaches k2 exp(—EZ/RTS). Thus we find that as TS tends to zero,

we tend towards a zero order rate expression whose limit is k2 exp (—E2/RTS)

or K2.

It is interesting to determine the value of X with increasing
temperature, and hence the departure of the rate expression from
the pure zero order dependence component K,. Below 1400°K, X<<1
(in fact less than .0l1) and the low temperiture limit is applicable.
In the range of temperatures 1400°K to 2000°K, the value of X
grows from 1.47 x 107< to 0.763 (see Table I). At approximately
1600°K, ten percent divergence from a pure K, dependence would be
incurred, with ever increasing divergence ocCurring at higher
temperatures as is shown in Fig. III.

Referring to Field's statement (1) that data from previous
workers at lower temperatures (<1650°K) could be fitted with an
Arrhenius rate expression with an activation energy of 35,700 cal/mole,
it is not surprising to obtain this result in view of the above
analysis. Recall that E_, the low temperature limit activation
energy for the desorption process, was calculated to be approximately
37,000 cal/mole, and that significant divergence from this simple
Arrhenius expression occurs only above 1650°K. The oxygen dependence
was also shown to be zero order for the temperature range in the
analysis presented here.

The above explanation and analysis appear to fit the facts
as far as order in oxygen and temperature dependence of activation
energy are concerned, especially for the data of Field. More precise
rate determinations are required, especially in the high temperature
region, if more experimental substantiation of this theory is to be
obtained.

More evidence to support this hypothesis comes also from the
study of pure carbon systems. Rosner and Allendorf (48) found in
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their study of the reaction of oxygen with pure graphite at high
temperatures that the activation energy changed from 31 kcal/mole
at 1300°K to 0 at 1600°K. At 1200°K the.apparent . order was 0.56,
which implies that the real order is zero, if pore diffusion is
present and the reaction is in the desorption controlled regime.
At 1440°K the apparent order is unity and this is compatible with
chemisorption control. So perhaps detailed mechanistic arguments
were not that premature from their data. )

Blyholder and Eyring (20) find a zero order reaction with an
activation energy of 80 kcal/mole at 800°C for very thin coatings
of graphite rubbed on ceramic rods. This was twice as large as
the activation energy observed for samples 1 mm. thick where the

rate is obviously pore diffusion controlled. The order in this case

was found to be 1/2 in oxygen.

Departures of the activation energy at high temperatures towards

the limiting value of chemisorption control may not occur to any
substantial extent 'until very high combustion temperatures are
reached, as was shown from the above analysis. Also, much of the
existing data on burn out of small p.f. particles is expectedly
quite scattered because of the difficulties involved in extracting
reliable data from such systems, so direct substantiation of the
proposed picture set out in this paper may be difficult. However,
thishas been an attempt to consolidate some results in the

carbon oxygen system, especially as it is applicable to p.f.
systems, and fit them into a workable, although simplistic model.
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Figure II

Arrhenius Diagram Showing Rate Controlling Regimes in Gas-Solid Reactions
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COAL GASIFICATION IN A LOW PRESSURE,
LOW RESIDENCE TIME, ENTRAINED FLOW REACTOR

R. L. Coates, C. L. Chen, and B. J. Pope

Chemical Engineering Department
Brigham Young University
Provo, Utah 84601

INTRODUCTION

Prior studies in which finely-ground coal was heated very rapidly have
shown that the fraction of the coal that can be volatilized increases with
both the rate of heating and the final temperature to which the coal is
heated. For example, Eddinger, et al !, have presented data from an
entrained flow reactor which show that volatile products amounting to 49.9
percent of the coal fed may be produced from a finely-ground coal having

an ASTM volatility of only 35.5 percent, even though maximum reactor
temperature was less than the 950°C reached in the standard volatility
test. Kimber and Gray 2 reported coal pyrolysis data in an entrained flow
reactor operated at temperatures up to 2200°K. They observed volatiles as
much as 87% greater than that from the standard test and concluded both higher
heating rates and higher final temperatures increase the amount of volatile
products.

Another characteristic of high-rate, high-temperature pyrolysis of coal
that is not found in normal carbonization is the production of significant
quantities of acetylene and ethylene in the pyrolysis gas. These products
are gommonly observed during coal pyrolysis in a plasma or by flash heat-
ing.

The present study was undertaken to investigate the potential for in-
creased volatility and also the production of unsaturated hydrocarbons as
a result of rapid pyrolysis using partial combustion as the source of
pyrolysis energy. This paper represents a progress report on the experi-
mental work accomplished to date.

EXPERIMENTAL PROCEDURES

An entrained flow reactor was designed in which the finely-ground coal
could be rapidly mixed with oxidizing combustion gases. The combustion
gases were produced from a pre-mixed flame of pure oxygen with hydrogen.
The reactor volume was designed for short residence times, and the products
were quenched by water spray immediately downstream of the reactor.
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A diagram of the reactor is shown in Figure 1. The reaction tube was

made of alumina. This tube was placed inside an annular electrical heat-
ing element for preheating and to reduce heat loss during the run. The
reaction tube and heating elements were insulated with a fibrous alumina
insulation and encased with a water-cooled section of 6-inch aluminum
pipe. Reaction tubes 4 5/8 inches in length with inside diameters of 3/4,
1 1/2, and 2 inches were tested. The use of smaller diameter tubes per-
mitted testing at reduced residence times. The water-cooled injector head
was made of aluminum. The coal was injected through two copper injectors
located 180° apart and at an angle of 30° with the centerline of the re-
action tube. The impingement point for these injectors was a distance of
3 inches below the orifice through which premixed combustion gases were fed
to the reactor. A platinum/13% platinum-rhodium thermocouple was inserted
near the base of the reactor to record the reactor temperature.

The coal tested was a high volatile B Utah coal from the Orangeville, Carbon
County, area. Typical proximate and' ultimate analyses of coal from this
area are listed in Table 1. The coal was dried, ball-milled, and screened
to minus 200 mesh for these tests. The moisture as used in the tests was
less than one percent.

The coal was entrained into a stream of carrier gas, either hydrogen or
nitrogen, with an auger-driven feeder. A variable-speed auger drive was
employed to obtain feed rates ranging from 0.5 to 5.0 pounds of coal per
hour. Entraining gas flows of from 13 to 15 SCFH were used in the 1/4-inch
diameter feed line.

The product gas was separated from the quench water, passed through a filter
and then through a gas meter. Samples of filtered gas were withdrawn for
analysis with a gas chromatograph. The char was filtered from the quench
water, dried and analyzed for ash content to verify material balance cal-
culations.

The operating parameters varied were the feed rates of the coal and combus-
tion gases and the stoichiometry of the combustion gases. Run times follow-
ing preheating of the reactor ranged from 2 to 22 minutes. The range of
feed rate variables tested and the range of reactor operating conditions
that resulted are listed in Table 2.

RESULTS

A total of thirty-two test runs were made with the 2-inch diameter reaction
tube, twenty with hydrogen as the carrier gas and twelve with nitrogen.
Twelve tests were made with the 1 1/4-inch diameter reaction tube, and
seven tests were made with the 3/4-inch diameter tube. Typical data ob-
tained from these tests are presented in Table 3.
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Effect of Hydrogen Concentration. It was observed that conversions to
the hydrocarbon gases were generally higher the greater the concentration
of hydrogen in the reactor. Data illustrating this effect are presented
in Figure 6. In this figure the conversions to methane, ethylene, and
acetylene at temperatures ranging from 1200 to 1400°K are plotted versus
the hydrogen partial pressure at the reactor outlet. The conversion to
methane is shown to be the most sensitive to this operating variable.

Although the observed effect of hydrogen concentration on the methane yield
is in the direction expected from the hydrogenation reaction, i.e.,

C + 2Hy = CH4, the equilibrium constant, Kp, for this reaction is much low-
er than the observed ratio of PCH4/P2H2. The observed ratios are compared
with the curve representing hydrogenation equilibrium in Figure 7. It
seems clear from this comparison that the hydrocarbon gases are nonequi-
librium species resulting from pyrolysis reactions.

Steam Carbon Reaction. The composition and volumes of the product gas in-
dicated that a significant fraction of the steam produced by the combus-
tion gases reacted with the coal to form hydrogen and carbon monoxide. The
calculated steam decomposition is plotted versus the oxygen/coal ratio in
Figure 8. This plot also shows the effect of the two carrier gases, hydro-
gen and nitrogen. The higher hydrogen concentrations resulting from the
use of hydrogen carrier gas is shown to suppress the steam decomposition.
The approach of the reaction C + H20 = CO + Hp toward equilibrium is indi-
cated by the data presented in Figure 9. It is apparent from this compari-
son that the steam-carbon reaction is far from equilibrium for all of the
run conditions that were tested.

Shift Reaction. The conversion of carbon to carbon dioxide was observed to
be rather low relative to the conversion to carbon monoxide, as mentioned
above. In all cases the equilibrium constant, K, for the shift reaction,
CO + H20 = CO2 + Hz, was observed to exceed the observed ratio of

PCo, PH/PCO PH20. This is illustrated by the data shown in Figure 10. The
observed ratios are seen to correspond to equilibrium Kp's at substantially
higher temperatures than those measured at the reactor outlet.

Volume and Heating Value. The volume of dry gas produced, less the volume

of coal carrier gas fed to the reactor, is shown in Figure 11 as a func-
tion of the oxygen/coal ratio. The volume produced is seen to increase
uniformly with this ratio. The corresponding heating value of the dry,
carrier-free gas is shown in Figure 12.

Combustion Equivalence Ratio. The effect of varying the equivalence ratio

of combustion hydrogen to combustion oxygen was tested by operating the
reactor with coal feed rate, oxygen to coal ratio, and carrier gas rate
constant, and varying the combustion hydrogen feed rate. Combustion hydro-
gen was varied to give an equivalence ratio, i.e., the moles H per mole

0, from 0.4 to 1.1. As illustrated in Figure 13, the weight of carbon in
hydrocarbon gases per 100 pounds of coal increased and the molar ratio of
carbon dioxide to carbon monoxide decreased with the equivalence ratio.
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Reactor Temperature. Analysis of the data showed that the primary vari-
able governing the composition of the reactor products was the tempera-
ture. The temperature as indicated by the thermocouple measurements was
observed to increase with the amount of combustion gas fed to the reactor
per pound of coal. Although the reactor tube was electrically heated, the
feed rates and heat transfer area were such that the heating elements ex-
erted a rather small effect on the reaction temperature, serving primarily
to reduce heat losses. Figure 2 presents the measured temperatures as a
function of the ratio of combustion oxygen per pound of coal. The effects
of reaction tube diameter and coal feed rate are also indicated on this
figure.

Effect of Temperature. Figure 3 presents data showing the conversion of
the carbon in the coal to the hydrocarbon gases methane, acetylene, and
ethylene, and to carbon monoxide and carbon dioxide. The conversion data
are plotted versus the measured temperature without regard for variations
in the other operating variables. These conversions were computed from

the measured volume and composition of the gas produced, after condensation
of the water vapor, and the feed rate of the coal. It is of interest to
note first that in contrast to gasification products of conventional low-
pressure coal gasifiers, significant conversion to the three hydrocarbon
gases, methane, acetylene, and ethylene, were observed. Secondly, the trend
of conversion with reactor temperature is clearly evident. The methane
conversion rises to a maximum and then decreases with increasing tempera-
ture, the conversion to acetylene increases with temperature, and the
conversion to ethylene decreases with temperature.

The effect of replacing hydrogen as the coal carrier with nitrogen on the
conversion to carbon oxides is also indicated on this figure. The con-
version to carbon monoxide appears to be principally dependent on tempera-
ture; however, the carbon dioxide yield is significantly greater with the
lower hydrogen concentrations resulting from the use of nitrogen carrier
gas. It is of interest to note that the amount of carbon dioxide produced
relative to the amount of carbon monoxide is low as compared to the pro-
ducts from conventional gasifiers.

Effect of Residence Time. The effect of average residence time in the
reactor on the conversion to the three hydrocarbon gases is indicated by
the data shown in Figures 4 and 5. Figure 4 shows conversion data from
three different sizes of reactor tubes each operated at a coal feed rate

of 1.2 pounds of coal per hour. These data show only a slight effect of
reactor size on the product yields. In Figure 5 the conversions for re-
actor temperatures in the range 1200-1400°K are plotted versus the average
residence time. Although the data are scattered, there is a trend to lower
conversions with increasing residence time. This trend is most evident in
the conversion to acetylene. The data corresponding to Figure 4 and 5 show that
reactor residence times of less than fifty milliseconds are sufficient for
gasification to occur in this temperature range and that these products
tend to disappear as the residence time increases.
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SUMMARY

The observations and conclusions drawn from the experimental runs may be
summarized as follows:

K 1. Reactor temperature was found to be the most important parameter

1 affecting the overall gasification of coal. The temperature was con-
' trolled principally by the combustion oxygen fed per pound of coal.

L As much as 57 percent of the mass of coal fed was gasified, and the
™~ space time conversion corresponding to this yield was 408 1lb carbon

gasified/ft3 hr.

3

3

b 2. Significant yields of methane, ethylene and acetylene were produced.
Up to 14 percent of the coal carbon was converted to these gases.

The yield of ethylene was observed to decrease with increasing

reactor temperature while the yield of acetylene increased. The con-

version to methane was observed to pass through a maximum at a re-

actor temperature of about 1200°K. Maximum yields of methane,

ethylene and acetylene were 6, 4, and 6 percent of the coal carbon

respectively.

3. . The yield of hydrocarbon gases was observed to increase with in-
creasing hydrogen concentration and to decrease with increasing resi-
dence time. Residence times shorter than 50 milliseconds are indi-
cated for optimum yield of hydrocarbon gases. Comparison of the
methane yield data with hydrogenation equilibrium indicates that the
hydrocarbons in the product result not from hydrogenation reactions
but from non-equilibrium pyrolysis reactions.

4. Although significant steam decomposition was observed, conversion of
carbon to carbon monoxide was substantially less than predicted for
steam, carbon equilibrium. The conversion of carbon to carbon dioxide
was observed to be much lower than predicted by the shift reaction
equilibrium.

5. The yield of hydrocarbon gases and the yield of carbon dioxide relative
to carbon monoxide depends strongly on the stoichiometry of the combus-
tion gas. Combustion gases lean in hydrogen fuel cause the hydro-
carbon gas yield to be reduced and the ratio of CO; to CO to be in-
creased from the yields with stoichiometric combustion gases.

6. The volume of gas produced per pound of coal increases uniformly with
the oxygen/coal ratio. At the ratio corresponding to maximum hydro-
carbon gas yield the volume produced is 22 SCF per pound of coal.

7. The carrier-free heating value of the product gas decreases uniformly
with increasing oxygen/coal ratio. At the ratio corresponding to
maximum hydrocarbon gas yield, the heating value is in the range of
370-420 BTU/SCF. '

C— -——-ﬂ‘\-._‘,
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TABLE 1.- Coal analysis - weight percent as received

PROXIMATE
Moisture 5.65
Ash 6.20
Volatile Matter 34.35
Fixed Carbon 53.80

100.00

Coal size (-200 MESH)

ULTIMATE

Carbon
Hydrogen
Nitrogen
Sulphur
Oxygen
Moisture
Ash

TABLE 2.- Range of Feed Rate Variables

Coal Feed Rate, 1lbs/hr
Oxygen/Coal Ratio

Combustion Gas Equivalence Ratio
Coal Carrier Gas (13-15 SCFH)

o

Range of reactor operating conditions

Average Temperature

Average Residence Time

Space Time Conversion

Steam Partial Pressure (Reactor exit)
Hydrogen Partial Pressure (Reactor exit}
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1200-2500°F
0.012-0.343 sec.
13-408 1bs C gasified/ft>-hr
0.125-0.255 atm
0.194-0.553 atm




TABLE 3.- Typical data obtained from gasification tests

Run No. 5-8-4 5-8-2 5-8-1 6-9-4 7-31-1 8-23-2
Reactor Diameter, inches 2.000 2.000 2.000 2.000 1.250 0.750
Feed Rates, lbs/hr
Coal 1.590 1.590 1.590 2.043 1.670 1.180
Hydrogen Carrier 0.082 0.082 0.082 -- 0.082 0.082
Hydrogen Combustion 0.069 0.102 0.140 0.167 0.167 0.113
Oxygen 0.540 0.800 1.050 1.260 1.340 0.900
Nitrogen Carrier -- -- -- 1.020 -- --
Oxygen/Coal Ratio 0.339 0.503 0.660 0.616 0.802 0.762
Combustion Equivalence Ratio 1.022 1.025 1.066  1.060 0.997 1.008
Reactor Temperature, °F 1445 1750 1955 1966 2157 1913
Volume Gas Produced (Dry) )
Total, SCFH 30.9 37.6 45.9 56.5 60.3 39.7
Carrier Free Basis, SCF/1b 10.2 14.4 19.6 21.2 27.3 21.1
Coal
Gas Analysis (Dry, Volume %)
Hydrogen 74.12 69.88 69.75 26.38 64.23 67.14
Oxygen 0.20 0.42 0.15 8.30 1.65 1.39
Nitrogen 0.81 1.33 0.45 46.89 4.12 4.66
Methane 5.33 5.02 3.85 1.81 2.34 3.22
Carbon Monoxide 15.35 18.41 20.85 12.96 23.48 18.83
Ethane 0.14 0.04 0.01 0.00 0.00 0.01
Ethylene 1.62 1.26 0.64 0.12 0.19 0.52
Carbon Dioxide 1.55 2.06 2.51 2.68 2.39 2.57
Acetylene 0.88 1.58 1.79 0.86 1.60 1.66
Carrier Free Heating Value, 449.4 "430.2 395.0 358.9 365.7 392.1
BTU/CF
Steam Decomposed, Percent 18.28 28.79 38.81 48 .67 46.86 36.84
Ash in Char, Weight percent 9.3 14.9 15.8 16.5 15.68 13.94
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Figure 1. Schematic Diagram of Reactor.
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PRESSURIZED HYDROGASIFICATION OF RAW COAL IN A
DILUTE-PHASE REACTOR

Herman F, Feldmann, Joseph A, Mima and Paul M, Yavorsky

Pittsburgh Energy Research Center, U.S. Department of the Interior,
Bureau of Mines, 4800 Forbes Avenue, Pittsburgh, Pa, 15213

INTRODUCTION

The direct conversion of raw coal to methane can be achileved by reacting the
coal with hydrogen. This approach to converting coal to methane is the basis of
the U.S, Bureau of Mines Hydrane Process! and the high thermal efficiency result-
ing from this direct process approach offers substantial potential economic advan-
tages over other routes to pipeline gas. Converting coal directly to methane by
reaction with hydrogen was first reported by Dent.3 The thermodynamic advantages
of producing methane directly, rather thar by first converting the coal to synthesis
gas which is then converted to methane after water-gas shift and methanation, were
quickly recognized when investigators in the United States started exploratory work
on converting coal to pipeline gas. For example, Channabasappa and Linden" concluded
that hydrogenating coal to methane with hydrogen which is produced by steam-oxygen
gasification of carbon is more thermally efficient than steam-oxygen gasification
followed by methanation. However, at first the experimental difficulties in directly
hydrogenating raw coal to methane proved to be extreme because of the severe agglom-
erating properties of most American coals in high-temperature, high-pressure hydrogen
atmospheres. This agglomeration problem caused a shift away from attempting to
directly hydrogasify raw coal. Instead, the coal was '"pretreated" with air or oxygen
to destroy its agglomerating properties. While the mild oxidation with air or oxygen
was successful in preventing the coal from agglomerating, it adversely reduced its
reactivity for methane formation. In fact, the reactivity of the pretreated coal is
so reduced that it is impossible to produce a gas by direct hydrogenation of pre-
treated coal that has a sufficiently high concentration of methane to allow its in-
troduction into a pipeline without costly physical separation of the hydrogen-methane
mixture, Thus, while the thermodynamic and chemical advantages of direct hydrogasi-
fication of raw coal were clear, the practical difficulties encountered in developing
reactor systems to utilize raw coal required that the coal be pretreated before being
contacted with hydrogen, but this reduced the process efficiency. Results of directly
hydrogasifying pretreated coals in continuous reactors were reported by Institute of
gas Technology investigators.>'®’

The problem of processing agglomerating raw coal was solved at the Bureau of
Mines when a technique was developed for directly hydrogenating raw coal in a free-
- fall dilute-phase (FDP) reactor described by_Hiteshue.8 Some results of FDP reactor
experiments using raw coal?’ 9 have already been presented, Howevér, the results in
references @ and 10 were obtained for rather high pressures of 1,500 and 3,000 psig.
Even though operation with raw bituminous coal at 3,000 psig does allow the direct
producticn of raw product gases containing over 80 percent methane and having carbon
monoxide contents down to 0.1 vol pct, design considerations indicate pressures around
1,000 psig are more aconomically attractive. This paper therefore summarizes our FDP
resctor data at pressures in the neighborhood of 1,000 psig. These data are useful
for the design of the FDP section of the Hydrane process or other processes using
sinilar conditions.
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EXPERIMENTAL

Equipment and Procedure

Details of the experimental reactor system and method of operation are given
in reference 10. Briefly, the FDP reactor is simply a 3-inch id heated tube con-
tained in a 10-inch pressure vessel. The coal is injected into the top of the 3-
inch reactor through a water-cooled nozzle. The coal falls freely through the re-
actor tube concurrent with the reacting gas which is also injected in at the top of
the reactor, Because of rapid heating and a dilute solids phase, agglomeration was
avoided; particles were plastic and sticky for only a short time during which particle-
particle collisions are few. The heated length of the reactor for all except
two of the experiments presented here is 5 ft. The residence time of the coal in the
reacting zone is simply the reactor length divided by the average terminal velocity
of the coal particles. The char produced in the FDP reactor is collected in a cooled
hopper and analyzed after a run. Gas flow rates and compositions are measured over
the steady state portion of the run. Ordinarily the capacity of the pressurized char
collector allowed a run duration of approximately one hour with approximately fifty
minutes of steady state operations during which data could be collected.

Tabular Results

Results of our most recent FDP reactor operations are summarized in table 1 and
the analyses of the feed coals used are listed in table 2. The main objectives of
these experiments were to: (1) establish the feasibility of directly producing a
high~Btu gas by hydrogasifying raw coal in a continuous reactor at economically at-
tractive pressures, (2) measure the yields and distribution of coal hydrogasifica-
tion reaction products, and (3) provide data for scaling-up the FDP reactor,

Production of High-Btu Gas

The feasibility of producing a gas having a heating value of 900 or more Btu/scf
(after cleanup methanation) was established by several experiments., These experiments
were designed to simulate the operation of an integrated Hydrane reactor which con-
sists of two stages.! 1In such an integrated reactor, the hydrogen is first fed to a
fluid bed where 1t reacts with char produced by the FDP reactor. The product gas from
this fluid bed is the feed gas to the top of the FDP reactor and it consists of about
50 vol pct methane with the remainder hydrogen plus a small amount of carbon monoxide.
Thus, the composition of the feed gas to the experimental isolated FDP reactor was
adjusted to simulate the fluid-bed product gas from an integrated operation,

Table 3 compares carbon conversion, gas composition, and gas yields for specific
experiments with the results used to guide an economic evaluation of the Hydrane pro-
cess.?2 These results show that the goal of producing a high-Btu gas can be achieved
at pressures of 1,000 psig and higher. For all three coals evaluated, Pittsburgh Seam
hvab coal, Illinois No. 6 hvcb coal, and lignite, it was shown that the gas produced
after methanation to reduce CO to an acceptable level was substitutable for natural
gas. Of course, with lignite, the higher oxygen content results in higher yields of
CO0 and this gas will therefore require more methanation than the product gas from the
Illinois or Pittsburgh Seam bituminous coals. However, even with lignite the fraction
of the total methane that is produced directly rather than by methanation is greater
than can be achieved by other process routes using bituminous coal. In an actual
plant where hydrogen is produced from the residual char, the catalytic water-gas shift
reaction (CO + H»0 - Il + CO ) would not be carried to completion, Instead, as the
base case analysis of the feed gas to the dilute phase indiéates, some CO would be
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left in the hydrogen resulting in a somewhat higher CO concentration in the raw
product gas from the FDP reactor. This additional CO would result in increased
hydrogen consumption during methanation and thereby lower the’ hydrogen content and
increase the heating value of the final product gas. The heating value of the final
product gas was therefore calculated based on a constant 4 vol pet CO in the raw dry
product gas from the FDP reactor. :

Examination of these FDP results indicate the controllable parameters that de-
termine whether the raw product gas will, after methanation of the 4 vol pct CO,
have a heating value of at least 900 Btu/scf are the following:

a. Percent methane in the feed gas to the FDP reactor
b. Gas-to-coal feed ratio

c¢. Reactor pressure

d, Coal residence time (reactor length)

Fortunately, the combination of above variables required to produce 900+ Btu
gas are easily achievable in practical reactor systems, For example, the reactor
can operate at gas transmission line pressures, both the gas/coal feed ratio and the
methane concentration in the feed gas allow operation at carbon conversion levels
resulting in balanced plant operation,* and a sufficient coal residence time was
achieved in an FDP reactor only 5 ft long. Increases in the percent methane in the
feed gas to the FDP reactor, at constant CO concentration, will further increase the
heating value of the final product gas.

In our experiments, the reactor pressure shell was pressurized with the feed gas.
Because this gas was in direct contact with the reactor electrical heating elements,

_carbon deposition from methane cracking and subsequent shorting of the electrical
-elements became a problem when the methane concentration in the feed gas was higher

than 50 vol pct. This artificial limitation would not exist in a commercial reactor
system where no electric heating elements would be used. Methane concentrations above
50 vol pct would be generated by the fluidized-bed stage of the Hydrane reactor system
and therefore allow higher methane concentrations into the FDP reactor. As examples,
Pyrcioch and Linden® in studying the fluid-bed hydrogasification of a char produced
by low temperature pretreatment achieved methane concentration over 50 vol pct, and
Lewis and co-workers® reported methane concentrations over 60 vol pect from direct
moving-bed hydrogasification of chars produced by hydrogasification in an FDP reactor,
Thus, the results presented here must be regarded as conservative and higher methane
concentration product gases could be produced in commercial FDP reactors where the
methane concentration in the intermediate feed gas to the FDP reactor is not limited
by artificial constraints.

Product Yields and Distribution

The major products from the dilute-phase hydrogasification of raw coal are gas
and char plus smaller amounts of organic liquid products and water: The liquid yield
measurement is rather inaccurate because of the relatively small amount of liquids
formed and the difficulty of their quantitative recovery., For all the experiments
reported in table 1, measured yields of organic liquids varied from less than .0l to
.06 1b/1b coal. Attempts to correlate the organic liquid yields with reactor para-
meters thought to have the greatest effect on these yields, such as reactor wall tem-
perature, hydrogen partial pressure, and gas phase residence time, have been unsucess-
ful. Since, in a base-load pipeline gas plant the organic liquid production will be

-substantial even at the lowest yields measured, additional work is now going on to

characterize these organic liquids.
*Balanced operation means the overall plant produces no surplus char. To achieve
balanced operation, the fractien of carbon in the coal converted to methapc is regu-
lated so that the remaining carbon is just sufficient to produce process hydrogen
and plant power.
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Water is produced by both the simple vaporization of moisture im the coal and
by the reaction of hydrogen with oxygen in the coal. Recoveries of water both from
condensers and as moisture on the char ranged from .0l to .08 1lb/lb of coal fed.
However, as table 1 indicates, the water recoveries did not exhibit the same degree
of fluctuation as did the organic liquid recoveries and most of the measured yields
were between .05 and .06 1b/lb coal fed. The water recoveries measured for the I1li-
nois #6 hvcb coal and the single run made with lignite were higher because of the
higher oxygen contents of these feeds. For the Illinois coal, water yields varied
from about .05 to .09 1b/lb coal. These water yleld data indicate that much of the
oxygen 1s either present as bound water or combines with hydrogen to form water dur-
ing hydrogasification.

Char Yields and Desulfurization

In the overall Hydrane process, the char from the FDP reactor will be further
converted in a fluid-bed reactor which is in series with the FDP reactor. The yield
of char from the FDP reactor depends on the carbon conversion level as shown in
figure 1.

¢

Sulfur is eliminated from the char during hydrogasification as H,;S and the degree
of elimination is related to the carbon conversion as shown in figure 2, The scatter
may be due to either the influence of parameters other than carbon conversion and/or
to inaccuracies in the sulfur determinations. The important point to be demonstrated
is that the coal sulfur 1s extremely reactive under hydrogasification conditions as
evidenced by the fact that the coal residence time in the FDP reactor is on the order
of one to two seconds, In fact, figure 2 indicates the sulfur in the coal to be more
reactive than the carbon in the coal. The Pittsburgh Seam hvab coal contains approxi-

‘mately equal amounts of pyritic and organic sulfur. However, as yet no tests have

been made on the char to indicate whether either type is selectively removed during
free-fall hydrogasification. Since, in the integrated Hydrane process the char spends
additional residence time in a fluild bed at higher hydrogen partial pressures than

exist in the FDP reactor, additional char desulfurization will occur in the fluid

bed. In preliminary experiments with an integrated FDP fluid-bed reactor system, the
sulfur removal from the Pittsburgh Seam coal has been on the order of 85 percent. These
results are encouraging because they indicate that char from the Hydrane reactor may

be an acceptable fuel to provide the plant's energy and steam requirements without com-
plicated sulfur removal systems and without exceeding air quality restrictions on at-
mospheric release of sulfur compounds, |

Scale~Up of the FDP Reactor

The FDP reactor has two important functions. It must convert the coal to a non~
agglomerating char for the subsequent fluid bed and it must convert enough carbon to
methane so that the FDP product gas is, after acild gas removal and light methanation,
an acceptable pipeline gas. .

In the 3-inch id FDP reactor used in our experiments, the coal particles are
heated to reaction temperature in the reactor by mixing with the preheated feed gas
and by heat transfer from the hot walls of the FDP reactor, However, heat transfer
analysis of larger reactors!! indicates that as one increases the reactor diameter,
the amount of heat transfer from hot reactor walls to the particles inside becomes negli-
gible, Therefore, in larger diameter reactors, the coal particles can be raised

to reaction temperature only by mixing with the hot methane-hydrogen mixture shunted

from the fluid bed. Calculations indicate that the mixing temperature of the hot gzas
and coal at the top of a large FDP recactor will be on the order of 480° to 540° C.
It is therefore important to evaluate the FDP hydrogasification behavior at these
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relatively low temperatures. This is difficult to do in the present 3-inch id FDP
reactor because the coal quickly heats to the reactor wall temperature and, if the
wall temperature 1s below 725° to 800° C, the coal adheres to the reactor walls and
eventually plugs the reactor. In spite of this drawback, experiments were conducted
at reduced reactor wall temperatures of 485°, 530°, and 580° C. In these experi-
ments, coal hitting the reactor walls stuck to them and eventually plugged the reactor,
However, the coal that did not .contact the walls, passed through the reactor and was
collected and its conversion and caking properties determined. Results of these lower
reactor wall temperature experiments are shown in figures 3 and 4 where the effect of
temperature on both the volatile matter and the carbon conversion of the FDP reactor
char are shown at the reduced wall temperatures. Figure 3 shows an interior thermo-
couple temperature at the reactor bettom and figure 4 shows the average reactor wall
temperature because the actual particle temperature is not known. The true average
particle temperature is probably between the interior thermocouple temperature and

the reactor wall temperature, Also shown in figures 3 and 4 is the temperature boundary

above which the char is not agglomerating when tested in a fluid bed with hydrogen at
1,000 psig and 900° C. Chatrs produced at reactor wall temperatures below the boundary
temperatures agglomerated when tested at the above conditions. Thus, if one conserva-
tively assumes that the particle temperature is close to the wall temperature, it ap-
pears that simply mixing the hot methane~hydrogen mixture produced in the fluid-bed
reactor with the coal at the top of the FDP reactor will produce an acceptable non-
agglomerating char if the char temperature reaches 580° C even if for residence times
of only a second or two.

Previous reaction rate analyses of FDP reactor datal® at higher hydrogen partial
pressures (1,500 to 3,000 psig) and at reactor wall temperatures of 725° and 900° C
indicated that the conversion of carbon in raw coal occurs in three stages with each
stage having greatly different reactivities toward hydrogen. At the short (one to
two seconds) particle residence times in the FDP reactor at 3,000 psig and with wall
temperatures of 900° C, all of the first stage (the most reactive) carbon behaved as
if it were converted "instantaneously'. However; the conversion of the second stage
carbon varied with reactor conditions and this variation of rate with reactor condi-
tions was correlated by this simple rate equation:

dx
(1) Ur 41 = ka2 (1-x)

where U is the average terminal velocity of the particles, k is the rate constant, p

the pargial pressure of hydrogen; L the location in the reactor (the distance from the?
coal inlet), and x the carbon conversion level. The fraction of carbon that behaved as
though it were instantaneously converted was denoted by E and was determined by finding

the value that allowed the best fit of experimental data with the integrated form of
equation (1):

(2) dx X
: 1 =g b

-X
E Py, T

At conditions where the conversion of second stage carbon, x-FE, was small, errors or
variations in either x or E caused large fluctuations in the value of k, making a kin-
?tic analysis of the data difficult. This occurs where the total carbon conversion
1s mostly duc to the "instantaneous" carbon reaction because conditions are not severe
eénough to react a substantial fraction of the second stage carbon, As an example of

186

PP Ao

. Al




S

4711 —

o

"gevere conditions", operation at 3,000 psig, 900° C wall temperatures and with pure
hydrogen feed gas allowed total carbon conversions, x, ranging from 0.40 to 0.50 in
the FDP reactor. At these conditions the value of E 1s approximately 0.14 and the
spread between x and E is sufficiently large to allow a reasonable determination of
k. For the experiments reported in reference 10, E varied from about 0,15 to 0.20.

At the conditions reported in this paper where the total pressure is closer to
1,000 psig, and the feed gas to the FDP reactor is an approximately equimolar mix-
ture of hydrogen and methane, the total carbon conversions are closer to the fraction
of carbon that instantaneously reacts and kinetic interpretation is even more diffi-
cult. Therefore, the kinetic analysis is not yet complete. However, for the pur-
poses of FDP reactor simulation, a mathematical model was used that assumed all the
carbon reacts at a rate dictated by the equation,

3) . dx _ _k -
S dL " U sz(l x)

This equation is felt to be conservative because it does not allow for the fraction
of carbon that may react at a considerably faster rate than the final amount of car-
bon conversion which was used to evaluate the rate constant k, The temperature de-
pendency of k used for our initial reactor simulation studies!! has been reported.1
While the more detailed kinetic analysis may result in a modified rate equation, the
results of our simulation study11 indicate that radiant heat transfer plays a dom-
inant role in small FDP reactors such as the one used in this study. Due to the di-
minishing effect of radiant heat transfer from the reactor walls as the diameter of
the reactor increases, temperature profiles in commercial reactors will be consider--
ably different than those existing in our present 3-inch id FDP reactor thus indicat-

"ing the necessity of using larger diameter pilot plants to obtain reliable scale-up

data.
“ CONCLUSIONS

The feasibility of producing on the order of° 95 percent of the total methane
production by the direct reaction of raw caking coals with hydrogen in an FDP plus
fluid-bed reactor system has been established. The experimental results show that
the product gas is of pipeline quality after minor methanation of the small amount
of carbon monoxide (only 4 percent) without any need for hydrogen separation,

Further, the experiments indicate the above desirable results can be achieved
without encountering agglomeration problems even when unpretreated highly caking
coals are used. ’
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TABLE 1.- Operating data for FDP hydrogasification of raw coal

Feed coal is 50 x 100 mesh except where noted.

Test No., IHR- eersasenn 146 147 149 151 153
Temperature, ® C ...eoedvess 900 900 900 900 900
Pressure, psig eeeeccsseesss 1000 1000 1200 1100 1100
€Coal veersevscannnnae wesssss hvab hvab hvab hvab hvab

Coal rate, lb/hr eerssses 12,17 12,44 12,38 11.88 10.92
Feed gas rate, scfh ....... 153.,5 155.2 161.0 . 158.6 150.6

Vol %, Hydrogen ...... 50.5 56.0 53.0 48.0 99,2
do. Methane ........ 41.9 42.3 44,5 49,2 0.2
do. Nitrogen ....... 6.3 1.8 2.5 2.6 0.6
Total scf/1b ......... 12,61 11.99 13.00 13.35  13.82
Hydrogen, scfh ....... 77.5 86.9 85.3 76.1 149.4
Hydrogen, scf/lb ,..... 6.37 6.72 6.89 6.41 13.71
Product gas, scfh .......... 169.6 171.8 175.5 167.1 143.8
Vol %, Hydrogen ....... 22.7 25.5 23.6 22.1 49.0
do. Methane ........ 66.4 67.8 = 69.7 71.7 46.5
do, Ethane ......... 0.3 0.4 0.3 0.1 0.3
do., Carbon monoxide. 2.7 3.2 3.0 2.5 3.4
do., Carbon dioxide . 1.0 1.1 0.8 0.5 0.2
do. Nitrogen ....... 6.4 1.7 2.3 2.7 0.5
Product yield, Methane ..... 3,97 3.93 4.09 3.52 6.10
Scf/1b, Ethane ...... 0.04 0.05 0.04 0.01 0.04
do. coO .......... 0,38 0.43 0.43 0.35 0.45
do. Ccoz ....... .o 0.00 0.15 0.11 0.04 0.03
Feed Hy reacted, scf/lb,,..,.. 3.21 3.33 3.55 2,46 7.23
Char residue, 1lb/1b ....... 0.697 0.702 0.698 0.698 0.66
Condensed liquid, 1b/1lb '
Water ..... Crrreie e 0.051 0.037 0.033 0.029 0,032
L . 0.013 0.009 0.014 0.008 0.005
Residue moisture, 1lb/1lb ..., 0.009 0.012 0.011 0.008 0.003
Conversion, maf ceal ...... . 32,5 32.5 33.1 32.8 36.5
(Wt pct), Carbon ......... 25/ 25.0 25.5 25.3 28.5
do. Hydrogen ....... 64.2 66.6 66.4 65.2 70.0
do. Sulfur ......... 48.8 44.3 43.9 46.5 55.9
do. Nitrogen ....... 25.1 24,6 27.2 30.6 38.0
Recovery, overall .......... 96.3 96.0 96.3 93.2 95.7
(Wt pect) Carbon ......... 94,6 -96.3 96.1 94,4 99.0
do. Hydrogen ....... 98.9 95.2 97.1 92.4 94,5
do. Ash ...... eevees 100,2 100.2 104.0 99.4 * 103.4

(Continued on next page)
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TABLE 1.- (Continued)

Test No., IHR— <cceecaessse 156

*Feed coal particle size range is 100 x 200 mesh,

(Continued on next page)
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157 158 160 165
Temperature, ® C ...c.cv... 850 850 900 900 850
Pressure, psig ««vcvvessoss. 1000 2000 2000 1500 1500
€03l ti.iiieiastiicanaasass. hvab
Coal rate, lb/hr .......... 12.84 13.¢0 12,61 12.29 12,94
Feed gas rate, scfh ....... 157.8 161.7 160.9 161.3 158.8
" Vol %, Hydrogen ....... 49.0 49.9 51.8 53.8 51.3
do. Methane ........ 49.4 48.4 46.6 43.4 47.0
do, Nitrogen ....... 1.6 1.7 1.6 2.6 1.7
Total scf/lb .(...icave. 12,29 12,44 12,76 13,12 12,27
Hydrogen, scfh ....... . 77.3 80.7 82.9 86.8 81.5
Hydrogen, scf/lb ...... 6,02 6.21 6.61 7.06 6.30
Product gas, scfh ....... .. 171.8 180.8 177.0 166.4 173,8
Vol %, Hydrogen ....... 22.4 -18,1 18.0 19.7 21,7
do, Methane ........ 71.4 79.0 78.7 75.2 73.4
do. Ethane ,........ 0.5 0.1 0.1 0.3 0.1
do. Carbon monoxide. 3.2 0.5 1.1 1.4 2.1
do. Carbon dioxide.. 0.7 0.4 0.4 0.8 0.6
do. Nitrogen .,..... 1.4 1.7 1.6 2.4 2.0
Product yield, Methane ..... 3.48 4,97 5.10 4,49 4,13
Scf/1b, Ethane ...... 0.06 0.01 0.01 0.04 0,01
do. €O ....cvvee.. 0.43 0.07. 0.15 0.19 0.28
do. €02 vvevvn... 0,09 0.06 0.06 0.08 0.08
Feed H; reacted, scf/1b ,... 3.02 3.69 4,08 4,39 3.38
Char residue, 1b/ib ........ 0,700 0.658 0.703 0.697 0.696
Condensed liquid, 1b/1b
Water ....vovevevsaea.. 0.036 0.042 0.050 0.049 0.058
0il ....... ¢ c0veesna.. 0,018 0.015 0.004 0.005 0.012
Residue moisture, 1b/1b .,.. 0.015 0.023 0.014 0.019 0.017
Conversion, maf coal ....... 32.8 37.3 32.2 33.7 33.1
(Wt pct), Carbon ,...... 25.0 30.0 25.0 24,2 23.3
do. Hydrogen ..... 62.4 65.9 68.0 66.0 62.4
do. Sulfur ....... 30.0 40,2 45,4 49.2 46,4
do. Nitrogen ..... 21.3 34.2 29.7 30.6 25.8
Recovery, overall ......,... 95.1 94.1 98.1 95.8 * 96.8
(Wt pct), Carbon ,...... 95.1 94.1 97.9 96.7 97.6
- do. Hydrogen ..... 95.4 102.0 100.6 96.9 100.9
do, Ash ...... ....106.8 ~ 102.2  104.3 101.8

96.9

176*

850
1000

~=-- hvab

12.47
156.2
48.0
49.4
2.2

12.53
75.0

6.24

173.1

24,7

98.0

it
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TABLE 1.~ (Continued)

* Reactor length - 3 ft.

(Continued on next page)
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Test No., IHR- ..cseeeeaees 166 167 172 173 174 177
Temperature, ® C ssecssosos. 850 800 850 900%* 850%* 850
Pressure, psig ssssssesess., 1200 1000 2000 1000 1000 1000
Coal +tevevseronsvensnsseaass, hvab hvab
Coal rate, lb/hr «ecesvevo.. 12,68 13.21 12.40 12.61 12.86 11.70
Feed gas rate, scfh ....... 156.3 153.1 163.4 149.1 156.8 155.3
Vol Z, Hydrogen ....... 49.2 48.4 50.6 52,7 49.6 99.3
do. Methane ...... .. 48.7 48,2 46.4 45,2 47,0 0.4
do. Nitrogen ...... . 2.1 3.3 3.0 2,1 3.3 0.3
Total scf/1b .......... 12,33 11.60 13,18 11.82 12.19 13.18
Hydrogen, scfh ..... wee 76.9 74.1 82,7 78.6 77.8 154.2
Hydrogen, scf/lb ...... 6.07 5.62 6.11 6.23 6.05 13,11
Product gas, sc¢fh ......... 168.7 170.3 171.9 163.0 174.1 150.9
Vol %, Hydrogen ....... 22.7 27.3 20.4 25.0 27.9 52.9
do. Methane ..... ve. 72,2 67.0 75.8 70.4 66.4 43.6
do. Ethane ..... R I | 1.0 0.1 0.2 0.8 0.2
do. Carbon monoxide. 2.3 1.2 0.7 1.6 1.4 2.1
~do. Carbon dioxide . 0.5 0.2 0.2 0.4 0.6 0.3
do. Nitrogem ....... 2.3 3.1 2.6 2.1 2.6 0.5
Product yield, Methane ..... 3.60 3.05 4,39 3.76 3.26 5.57
Scf/1b, Ethane ,..... 0.01 0.13 0.01 0.03 0.11 0.03
do, CO .vovvenn.e 0,31 0.15 0.10 0.21 0.19 0.27
do. C02 «.vvvuves 0.07 0.03 0.03 0.05 0.08 0.04
Feed Hp reacted, scf/lb .... 3.04 2.10 3.84 3.00 2.27 7.21
Char residue, 1lb/1b ........ 0.691 0.709 0.67 0.721 0.692 0.646
Condensed liquid, 1b/1b )
Water .eoiveeenneasse. 0,049 0.041 0.053 0.037 0.041 0.042
L0 0 .. 0,018 0.029 0.012 0.029 0.030 0.018
Residue moisture, 1b/1b .... 0.019 0.014 0.015 0.018 0.019 0.014
Conversion, maf coal ....... 34.8 30.5 35.0 31.4 33.7 38.2
(Wt pct), Carbon ...... 25.6 25.0 28.0 21.4 23.4 30.8
do. Hydrogen .... 63.5 59.1 64.3 62.4 59.1 67.1
do. Sulfur ...... 42.8 52.7 - 44.9 61.8 42,1 45.9
do. Nitrogen .... 21.7 20.3 32.6 23.7 21.5 27.8
Recovery, overall .......... 94.5 94.1 93.6 96.0 95.0 93.8
(Wt pct), Carbon ...... 92,9 94.0 93.4 99.1° 96.9 85.5
- do. Hydrogen .... 97.3 98.9 99.3 98.5 100.8 97.2
do. Ash .........110.1 100.7 104.1 99.4 98.0 99.2



Test No,, IHR; ...ceeccnnns
Temperature, C.ieinne ceen
Pressure, psSig ,..ssvevecens

Coal cvvresvescasccrtcsannss
Coal rate, lb/hr «ceveciens.
Feed gas rate, scfh «esec.e
Vol %, Hydrogen e......

do. Methane «secvans

do. Nitrogen «......

Total scf/lb .evevsnenn
Hydrogen, scfh .......
Hydrogen, scf/1b ......

Product gas, scfh .........
Vol %, Hydrogen .......

do, Methane ........

do. Ethane «cecees..

do, Carbon monoxide.

do. Carbon dioxide ,

do. Nitrogen .......

Product yield, Methane .....

Scf/1b, Ethane | .
do. CO L.vennnene
do. CO2 veevennas

Feed H2 reacted, scf/1lb ....
Char residue, 1b/lb ........
Condensed liquid, 1b/1b
Water .o.iicviienceniones
01l iiiiiiiiennnnnnnns
Residue moisture; 1b/lb ....

Conversion, maf coal +.veuus

(Wt pet), Carbon ......
do. Hydrogen ....
do. Sulfur ......
do. Nitrogen ....

Recovery, overall ..........

(Wt pet), Carbon ......

. do, . Hydrogen ....

" do. Ash ..eivuinns

TABLE 1. (Continued)

*

e 30 MY 3 Y
1000 1000 1000 1000 1000
hvab
11.70 12.53 12,72 24,10 3.94

161.1 441,2 168.0 323.1 151.4
98.9 99.3 99.2 52.6 51.6

0.4 0.5 0.5 45,7 46,5

0.4 0.2 0.3, 1.7 1.9
13.77 35.21 13.20 13.41 38.43

159.0 438,1 166.7 170.0 78.1
13,59 34,96 13.11 7.05 19- 83

147.5 412.6 155.1 335.0 152.1
73.0 76.3 44,2 28.5 39.8
23.9 21.9 50.2 66,9 57.3

0.7 trace 0.0 0.2 trace

1.5 1.4 4.7 2.1 1.0

0.2 0.0 - 0.2 0.3 0.1

0.4 0.2 0.4 1.7 1.7

2,96 7.04 6.06 3.17 4,25

0.09 trace 0.00 0.03 0.0

0.19 0.46 0.57 0.29 0.38

0.00 0.00 0.04 0.04 0.04

4,38 9.84 7.71 3.09 4,46

0.705 0.648 0.630 0.708 0.602

0.039 0.028 0.042 0.038 0.004

0.029 0.010 0.007 0.019 0.054

0.011 0.013 0.015  0.014 0.010
34,7 "37.7 40.5 32.8 43.0
28.1 31.6 33.2 26.0 36.2
61.0 71.3 71.8 61.5 71.2
48.4 52.5 56.7 49.1 61.6
21.9 38.1 41,6 25.3 43,7
81.8 96.6 95.9 92.6 91.9
88.8 98.6 95.2 92,5 * 90,2
86.3 99.6 92.9 94.3 97.2

112.6 97.7 99.4 107.7 101.8

. *Feed coal particle size range is 100 x 200 mesh.

(Continued on next page)
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Test No.,, IHR- .......

Temperature, ° C .....

Pressure, psSig ..see.. .e

Coal .,...viiiiennnnenns
Coal rate, lb/hr ......
Feed gas rate, scfh ...
Vol %, Hydrogen ..

do, Methane ...

do. Nitrogen ...

Total scf/lb .....

Hydrogen, scfh .....
Hydrogen, scf/lb ...

Product gas, scfh .....
Vol %, Hydrogen .

do. Ethane ....

do. Carbon monoxide ........
do. Carbon dioxide ....ce.0
do. Nitrogen ...

TABLE 1,- (Continued)

creesaseensee 189 190
teecissnssanne 850 850

P Ko [0]0] 1000
vessessssesss hvab hvab

cessaseserea. 12,94 13.01

Ceecennasenss 166.9 165.1
ceeinsesseans 92,4 49.4
ceeenrarsesss 44,0 46.0
teresananans 3.4 4.3
cecasasaisaes 12,90 12.69 -

B - Y N 8l.6
R 6.27

P °D B 184.2

veeeresesnsess 25,1 23,3
do. Methane ,...

teeieenrana. 6

sse s as s

OQWOOoOOr WONO®
P . .
NOKHWOW OWO~NNO

ONOOOW WONOW
NV OWOW VWOHRONN

Product yield, Methane .....cci0nven 8 8
Scf/1b, Ethane ...iciveenss . .03 3
do. CO tvvvvnnnnns Ceeeaan .37 .34
do. CO2 vevninenns sasas 2 7
Feed Hy reacted, scf/lb ....viivunnn 5 .99
Char residue, 1b/1b ...... Ceneaen . 714 714
Condensed 1iquid, 1b/1b
Water .iiveiensnnnnnaee ceriieaos 0.008 0.033
L I 0.020 0.017
Residue moisture, 1b/1lb ............ 0.009 0.018
Conversion, maf coal ............ .oe 3301 30.6
(Wt pct), Carbon ..... henes veesss 23,9 22,0
do. Hydrogen ...cvevnn. veees 66,4 60.9
do. Sulfur ,.... teitesnianaas 47.5 38.6
do. Nitrogen ......... veeses 30,1 19.0
Recovery, overall ........ teeeerenss 95,7 96.7
(Wt pct), Carbon ..... tesseessaess 98.8 96.9
do. Hydrogen ..... cevsseneae 98.7 106.9
do. Ash ....iivuiviveniaes.s 1091 89.6

(Continued on next page)
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850
1000
lignite
13.23

162.6
50.1
47.8

1.8
12,29
81.5
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0.018
0.020

50.7
32,1
17.4
51.0
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93.5
97.6
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101.8




TABLE 1.- (Continued)

Test No., IHR- ........... 161 162 163 164 191 192
Temperature, ° C (.ieveeae. 900 900 900 900 725 650
Pressure, psig seoevevevs.. 1000 1500 2000 1200 1000 1000
€08l ..vivierrrcanannineass I11.##6 I11.#6 I11.#6 I111.#6 I11.#6 I11.#6
Coal rate, 1lb/hr .......... 10.53 12,31 12,77 11.78 12.19 12.04
Feed gas rate, scfh ....... 157.2 156.2 158.8 165.1 169.8 188.9
Vol %, Hydrogen ...... 54.5 ~ 48.8 52.0 50.1 56.5 60.1
*do. Methane ....... 44.5 49.3 46.1 47.7 42.8 39.4
do. Nitrogen ...... 1.0 1.8 1.9 2.2 0.7 0.5
Total scf/lb ......... 14.93 12,69 12.94 14,02 13.93 15.69
Hydrogen, scfh ....... B85.6 76.2 82.6 82,7 96.0 113.5
Hydrogen, scf/lb ..... 8.14 6.19 6.73 7.02 7.87 9.43
Product gas, scfh ......... 182.3 185.3 190.1 199.4 190.4 202.0
Vol %, Hydrogen ...... 27.9 20.4 20.0 21.9 43.0 52.2
do. Methane ....... 68.6 75.0 73.8 72.8 52.0 45,3
do. Ethane ........ trace trace 0.2 trace 2.3 0.9
do. Carbon monoxide., 1.4 1.9 2.2 2.4 1.6 0.9
do. Carbon dioxide. 0.6 0.8 1.3 0.7 0.6 0,2
do. Nitrogen ...... 1.4 1.7 2.3 1.9 0.4 0.4
Product yield, Methane .... 5.28 5.03 5.47 5.64 2,16 1.42
Scf/1b, Ethane ..... trace trace 0.03 trace 0.36 0.15
do. CO ......... 0.24 0.29 0.34 0.41 0.25 0.15
do., CO2 tovennnnn 0.10 0.11 0.20 0.12 0.09 0.03
Feed H, reacted, scf/lb .... 3.31 3.12 3.63 3.31 1.15 0.67
Char residue, 1b/lb ........ 0,622 0.658 0.663 0.652 0.702 0,782
Condensed liquid, 1b/1b )
Water ......ceveveees.. 0,079 0.068 0.048 0.063 0.043 0.038
Oil evvivnnieneincnnss 0.032 0.0l 0.006 0,010 0.062 0.035
Residue moisture, 1b/1b .... 0,012 0.013 0.013 0.014 0.010 0.009
Conversion, maf coal ....... 38.0 37.6 36.6 35.5 31.4 24,3
(Wt pct), Carbon ......... 29.8 27.8 26.3 27.8 25.1 19.1
do. Hydrogen ....... 70.1 70.3 72.0 70.6 55.5 47,0
do. Sulfur ......... 43,8 50.9 63.8 51.2 51.8 42,1
do. Nitrogen ....... 26.2 30.5 37.9 34.1 17.4 13.7
Recovery, overall .......... 94,6 97.2 99.0 98.7 95.8 94,5
(Wt pct), Carbon ......... 96.5 96.1 100.0 99.5 , 97.1 95.1
do. Hydrogen ...... 104,7 106.0 105.4 106.7 100.6 97.3
‘do. Ash ,.......... 102.4 100.0 100.6 102.1 101.6 105.7
194
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TABLE 2.- Typical

analyses of coals used in

this study

T s

Proximate Analysis

Moisture .......00c00
Volatile matter .....
Fixed carbon ,.......
] ¢

Pittsburgh Illinois #6

Seam hvab hveb
coal coal
1.2 1.4
36.4 36.8
56,7 55.9

- 5.7 5.9

Ultimate Analysis (Dry Basis)

C oiriiiirentensannnas
<
N ocireiiiiiieiiaaenns

S iiiiiiiiee it

0 (by difference) ...~

Ash ,.ciiivnioneanenas

79.09 75.45
5.22 5.12
1.60 1.72
1.10 1.32
7.22 10.41
3.77 . 5.98

100.00 -100.00

N. Dakota
lignite

£ W
[V, I« JRY= RN
.

.
OO~ O

64 .64
4.48
0.76
0.76

23.29
6.07

100.00

Hvab coal from U.S. BuMines experimental mine, Bruceton, Pa,

Hveb coal from Orient #3 mine, Freeman Coal Co., Waltonville, I11,

Lignite from Baukol-Noonan mine, Burke Co., N, Dakota.
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TABLE 3.- Production of pipeline quality gas in FDP reactor

Test No., IHR- terteeeserssannnecse Base
Pressure, pSig ...civevennascsnacse 1000
£COA)Y seserecnssussassssnsssncsnsasns hvab
Feed gas/coal ratio, scf/lb ....... 11.1
Feed gas composition, vol pct
Hydrogen .....e... cesresaranse 46
Methane .....cvoieeveensnasance 47
Nitrogen ......... cescosesenan 0
Carbon monoxide ....vcvo0vevne 4,
Carbon dioxide ...cvesenssasee 1
0

Carbon conversion, Wt pct ..i..eeees 2

Product gas (water-free)/coal
ratio, scf/lb ..iiiieriiinnaaans 14.8

Product gas composition, water-free
HydXogen .....eveessnsscesanse 21.4
Methdne .....iieieieinrenareces 68.8
Ethane ....iviviinecennconanne 0.0
Carbon monoxide ....evveveevee 4,2
Carbon dioxide sveevevscvrnans 1.3
Nitrogen cecocceonesecosnonans 1.0
Hydrogen sulfide ........c...

Methane/hydrogen in product ,...... 3.21
Heating value, as-received, Btu/

T 779
Heating value w/4% CO
- Methanation, Btu/scf ......... 927

Pct methane equivalent
(CH,+C,Hg) made directly ..... 94,2

156
1000

hvab
12.3

4
4

v OO KWWY
O oo O

13.4

~ N

W OHOWOKEHN
.

.
SR N U CIT I S

817

918

94.7

(Continued on next page)
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176
1000
hvab

12.5

4
4

Ww OHOMNMNOKFN
. .
H DO

812

908

94.7

w ONvONMNOKEDN
N AN UOVEHE

802

903

94,7

« o

NWLWWUM LW NN

w oNnvoOoNMDONN

[

815

914

94.8




(TABLE 3.~ Continued)

59 a0

‘ Test No., THR- ......¢e00... 160 165 154 157 158 172
| Pressure, psig ....ve0000.e. 1500 1500 2000 2000 2000 2000
F Coal .......iitiviivenanseses hvab hvab hvab hvab hvab hvab
Feed gas/coal ratio,
scf/1b ci.iiiiiiiiiiiee... 1301 12.3 12.5 12.4 12.8 13.2
Feed gas composition
b Hydrogen ........00.... 53.8 51.3 52.5 49.9 51.8 50.6
Methane .......v0000ee. 434 47.0 46,4 48.4 46.6 46.4
k Nitrogen ..civviienneen 2,6 1.7 1.0 1.7 1.6 3.0
P . Carbon monoxide ....... 0.0 0.0 0.0 0.0 0.0 0.0
| Carbon dioxide ........ 0.2 0.0 0.0 0.0 0.0 0.0
Carbon conversion, wt pct .. 24.2 23.3 25.1 30.0 25,0 28.0
Product gas (water-free)/ ~
coal ratio, scf/1b .,..... 13,5 13.4 14.0 13.9 14,0 13.9
Product gas comp., water-free
Hydrogen 19.7 21.7 19.8 18.1 18.0 20.4
Methane ...... ceeessans 15,2 73.4 75.9 79.0 78.7 75.8
Ethane ....vvvue veees. 0.3 0.1 0.1 0.1 0.1 0.1
Carbon monoxide ....... 1.4 2.1 2.2 0.5 1.1 0.7
Carbon dioxide .,..... . 0.8 0.6 0.4 0.4 0.4 0.2
Nitrogen .....oveeeens . 2.4 2.0 1.5 1.7 1.6 2,6
Hydrogen sulflde A I § 0.2 0.1 0.2 0.2 0.2
Methane/hydrogen in product. 3.82 3.38 3.83 4,36 4,37 3.72
Heating value, as—received,
Btu/scf ....e... e 835 823 842 863 862 839
Heating value with 4/ CO
methanation, Btu/scf ..... 928 916 936 948 949 920
Pct methane equivalent
) (CHy+CoHg) made directly . 95.0 94.8 95.0 95.2 95.2 95.0
)
?
l (Continued on next page)
i
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Test No., IHR-

Pressure, psig .......
Coal ..iiieivenronnnanne

Feed gas/coal ratio, scf/lb

Feed gas composition
. Hydrogen
Methane ....¢..a.
Nitrogen "

Carbon monoxide ,.

(TABLE 3.- Continued)

Carbon conversion, Wt pct ...oveeess

Product gas (water-free)/coal

" ratio, scf/lb ......

Product gas composition, water-free

Hydrogen ........
Methane ,.......
Ethane .....0.000
- Carbon monoxide .
Carbon dioxide ..
Nitrogen ........
Hydrogen sulfide

Methane/hydrogen in product ,.......

seseavsenscen e

Heating value, as-received, Btu/scf.
_ Heating value with 4% CO methana-

tion, Btu/secf .....

Pct methane equivalent

(CH,+CHg) made directly .........

94.8

163

2000
hveb
12.9

52,
4

2
6
1.
0
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CHEMISTRY AND PHYSICS OF
ENTRAINED COAL GASTFICATION

R. L. Zahradnik
National Science Foundation
Weshington, D. C.

R. J. Grace
Bituminous Coal Research, Inc.
Monrceville, Pennsylvania

INTRODUCTION

The BI-GAS process 2,9% for the production of synthetic natural gas is
being developed by Bituminous Coal Research, Inc. under the joint sponsor-
ship of The Office of Coal Research and The American Gas Association. The
key features of the process are illustrated in Figure 1. Fresh coal is in-
troduced into the upper section (Stage 2) of a two-stage gasifier at system
pressures of 70 to 100 atm. Here, it contacts a rising stream of hot syn-
thesis gas produced in the lower section (Stage 1) of the gasifier and is
partially converted into methane and more synthesis gas. The residual char
is swept out of the gasifier together with the gas; the char is separated
from the gas stream and returned to the bottom section of the gasifier.
Here, the char is completely gasified under slagging conditions by reaction
with oxygen and steam, producing both the synthesis gas required in the
upper section of the gasifier and the heat needed to complete the endother-
mic reactions.

To meet pipeline specifications, the product gas requires further pro-
cessing. It is cleaned and subjected to partial water gas shift to adjust
its H/CO ratio; it is scrubbed to remove acid gases (COz, HoS); and finally
it is subjected to catalytic methanation to raise the heating value to pipe-
line quality.

The basic component of the process is the entrained two-stage gasifier.
The major emphasis of the BCR program to date has been to develop data suf-
ficient to optimize the operation of Stage 2 of the gasifier. Initial ex-
periments were carried out with coal slurries in rocking autoclaves at
pressures of 3000 to 4000 psig and temperatures 1380 F to 1L0O F.} These
experiments showed that large amounts of methane could indeed by produced
from the contact of coal with superheated steam. However, the tests were
of necessity batch in nature and involved relatively slow heating rates and
long residence times. Consequently, the results could not be applied di-
rectly to an integrated entrained gasifier, and data from experiments under
more realistic conditions were sought.

The next step in the BCR program consisted of tests that were continu-
ous in nature and involved a short coal-steam-synthesis gas contact time

* Numbers refer to references cited.
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> Gas Purification
and Methanation

Cyclone
Zone 2
Recycle
Solids
Coal —»
Steam —P Gasifier
Steam —p ~¢—— Oxygen
Zone 1 and
\/ Steam
\/
Slag

Bituminous Coal Research, Inc.

Final Pipeline Gas

8008G13

1

Figure 1. Simplified Flow Diagram for Two-stage
Super-pressure Gasifier
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with rapid heating. Over 100 experiments were conducted under conditions
simulating those of Stage 2 using & 5 1b/hr continuous flow reactor (CFR).
Lignite, a Wyoming subbituminous coal, and Pittsburgh seam high volatile
bituminous coal were tested. These experiments showed conclusively that
apprecliable amounts of methane could be produced during short contact times
of 2 to 20 seconds between steam, synthesis gas, and fresh coal at about
1000 psi and 1750 F.°

The experiments carried out in the 5 lb/hr unit involved the simulta-
neous heating of the simulated Stage 1 gas, the superheated steam, and the
fresh coal. Because of the limitations of the equipment, the reaction con-
ditions did not exactly duplicate those conditions expected in the inte-
grated gasifier. Nevertheless, the results warranted the construction of
a process and equipment development unit in which fresh coal and steam
could be contacted with hot Stage 1 gas under conditions that more closely
duplicate those in Stage 2. The design features of this PEDU have been
given elsewhere® »®575°, Nearly sixty individual experiments were conducted,
using the same series of coals as were used in the CFR. The range of oper-
ating conditions for these tests is reported in Table 1; the range of
results is given in Table 2.

Initial results from the PEDU using lignite were reported in earlier
publicationsz’e. The purpose of this paper is to present data for the gas-
ification of Pittsburgh seam coal in the PEDU and to discuss these data on
the basis of the chemlstry and physics of entrained gasification.

GASIFICATION CHEMISTRY

The physical and chemical processes which teke place between the hot
synthesis gas from Stage 1 and the fresh coal and steam in Stage 2 are com-
plex and any attempt to model them must be regarded as approximate. None-
theless, it is possible to develop reasonable correlations in terms of
certain basic gasifier variables suggested by the gasification chemistry.

As 8 result of the very rapid heeting of the coal, & significant devola-
tilization tekes place in a watter of milliseconds.* This devolatilization
step produces a variety of gases including hydrogen and methane.

The remainder of the gasification process may be characterized by the
carbon-hydrogen reaction

C+ 2 - CH (1)

and by the carbon-steam reaction

C+H0-5C0+H (2)

The overall methanation process has been described by Moseley and
Patersom® 192 a5 consisting of three steps. The first step is the reapid
devolatilization of coal which produces, in addition to volatile products,
an active carbon species. This active carbon reacts, in the second step,

either with hydrogen to form more methane or with itself in a cross-linking
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TABLE 1. RANGE OF OPERATING CONDITIONS FOR 100 LB/HR PEDU TESTS

Coal Feed Rates 43 1b/nr to 108 1b/hr
System Pressure 220 psig to 1,420 psig
(15 atm to 9.5 atm)
Outlet Temperature 1,375 F to 2,160 F
(746 ¢ to 1,180 c)
Hydrogen Partial Pressure 56 psig to 308 psig
(3.8 atm to 21 atm)
Total Steam/Coal Ratios 0.90/1 to 2.78/1
Total Carbon Gasified ‘ 32 percent to 68 percent
Total Btu in Gas/Btu in Coal 38 percent to 85 percent
Residence Times 3 sec to 22 sec

TABLE 2. RANGE OF RESULTS FOR 100 LB/HR PEDU TESTS

Total Carbon Preformed

Coal Coal Feed Methane Yield, Gasified, Methane,

Tested Rate (1b/hr) Percent Percent Percent
Design .
Basis 100 15.0 33 62
Lignite 62-108 12-20 32-68  30-79
Elkol 43-10L 18-23 39-6L 47-86
Pittsburgh 50-77 16-26 33-57 61-84%
Lower
Kittanning - 6k4-66 1k-17 34-38 59-68

2086
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polymerization to form an inactive char. The third step involves the slow
reaction of hydrogen with the inactive char.

In Stage 2 of the BCR two-stage process, this third step is relatively
unimportant. Zahradnik and Glenn®® have shown that the direct methanation
of coal in Stage 2 can be described adequately as a two-step process which
is independent of residence time when residence time is greater than a few
seconds, On this basis, it is possible to relate the yield of methane, MY,
expressed as the fraction of the carbon in coal appearing as methane, to
hydrogen partial pressure in the following way.

20 ) ®
T1+b (By)

vwhere a and b are kinetic parameters.

Zahradnik and Glenn'® were able to correlate the CFR data, the data of
Moseley and Paterson, and data obtained by the U,S. Bureau of Mines with
this expression. Data obtained in the 100 1b/hr PEDU for lignite were also
shown to be correlated by Equation (3)%, demonstrating its validity for
larger sized equipment.

For data correlation purposes, Equation (3) can be written as:

) moy-» )

On the basis of earlier tests, the value of a is taken to be 0,08 and is
assumed to depend on temperature in an Arrhenius mamner. Thus, a plot of
the natural logeritlm of the left-hand side of the above equation, as a
function of reciprocal temperature, should yleld a stralght line. Figure 2
is such a plot for Pittsburgh seam coal, under comparable physical and geo-
metrical configurations, and for residence times between 14 and 17 seconds.,
The correlation is quite good.

A complete tabulation of the data on which Figure 2 is based is given
in Reference 2., The experimental and analyticel techniques used to obtain
these data were reported in a previous publication by Grace, Glenn, and
Zehradnilk®,

Not all the data points from the PEDU experiments with Pittsburgh seam

coal fell on the correlating line of Figure 2, however. A more detailed
explanation of their behavior is in order.

METHANE DECOMPOSITION

Experiments in the externally heated 5 1b/hr CFR showed that methane,
once formed, did not decompose under the Stege 2 simulation achieved with
this unit. However, because of the higher mixing temperatures attained in
the PEDU, such decomposition is possible. In order to test whether methane
does decompose, tests were conducted whereby a stresm of methane was injected
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into the simulated Stage 1 gas. It was noted that the methane experienced
partial decamposition, '

The exact nature of the destruction of methane is not cleer. However,
it is most likely that the steam in the Stage 1 gas promotes the reforming
reaction:

CHy + HO - CO + 3K

Anelysis of the material balance data from the methane decomposition
tests suggests that the latter reaction is occurring. One of the tests was
carried out at 200 psig in order to permit observation of the mixing temper-
ature by an ultra-violet pyrometer. The results can be explained by assumirg
that methane decomposes at a rate proportional to its concentration, i.e.:

a (o]
—— = k (o)

Although it is likely that the reaction rate is influenced by steam, hydro-
gen, and carbon monoxide partial pressures, these did not vary significantly
during the tests, and their effect cannot be determined at this time.

Integration of the rate expression gives:

In [1 - £f] = k7 (5)
where, T = residence time

f = fraction of methane decomposed

k = reaction rate constant

The residence time of the individual tests was constant. Since the
reaction rate constant is temperature-dependent, an Arrhenius plot of 1n
(1n f1- f]) versus the reciprocal of the observed mixing zone temperature
should yield & straight line. That this is indeed the case is shown in
Figure 3. The temperature effect on the rate of methane decomposition is
quite pronounced, corresponding to an activation energy of 30 Kcal/g mole.

The fact that methane injected into the PEDU decomposes to a certain

' extent suggests that methane formed directly from coal could also decompose.

Thus, the methane yield predicted by Equation (3) would have to be modified
as in Equation (5). This gives the following equation for methane yield:

0t = (F(EE) e ©)

Note that this equation indicates that methane yield is dependent upon re-
sidence time, but in an unusual and unexpected way.

Because both parameters b and k depend on temperature, it is difficult
to express the relationship of Equation (6) in a form convenient for graphi-
cal display. However, certain first order simplifications and approximations
can be made.
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Figure 3. Methane Decomposition in the PEDU
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Thus, if we make the following approximation

e-kT 21 - kT,

Equation (6) can be written in the following form:

MY - a 1 krfa + b (R )] .
T () = "y (M

a+b (P
Furthermore, if we note that the group (.__Tirijggl) is relatively insensi-
e

tive to the partial pressure of hydrogen in the range of experiments con-
ducted, then Equation (7) becomes

F) () =2 -0 i) ®)
fhus, 8 plot of

(%;_) (T%T) versus ']_Tﬁ

should give a straight line, provided temperature is constant. Figure 4 is
such a plot for those Pittsburgh seam coal tests whose exit temperature was
in the range 1720 to 1800 F. The trend is unmistakable. Although Equation
(8) is the result of a number of assumptions and mathematical simplifica-
tions, it does provide a format for displaying and correlating the FEDU
methane yield data. In addition these data do suggest that methane formed
in the direct methanation process is destroyed in its passage through the
remainder of the PEDU. The percent decomposition indicated by Equation (8)
ranges from 10 percent at the low residence time tests to 25 percent at the
high residence time tests.

If the correlating line in Figure 4 is extrapolated to zero residence
time, a value is obtained for the b parameter in the methane yield equation:

b = 0.0165

An extension to higher temperatures of the Arrhenius plot for b obtained by
Zahradnik and Glenn shows this value to correspond to-a temperature of

2240 F*®. This is probably a reasonable estimate of the mean reaction
temperature of the methanation process taking place in the PEDU, when the
exit temperature is between 1720 and 1800 F.

At a temperature of 2240 F, the methane decomposition correlation
(Figure 3) gives a value for kT of 0.085. The residence time in the methane
decomposition tests was 7.5 seconds, so that a k value can be calculated.

_0.085

-1 _ -1
k = 7.5 ec = 0,0113 sec

A k value can also be obtained from the gasification tests, since from
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Equation (8) the slope of the correlating line of Figure b4t is

a+b (P )
slope = k (——(-g)—}i’—)

The value of this slope is 0.000275. If b = 0,0165 and the average hydro-
gen partial pressure is 15 atm, the value of k can be calculated:

_ ___0.000275 sec”t

~ 0,08 + 0,0165 (15
(15)

This value, 0.0126 sec'l, is remarkably close to the value of 0.0113

sec’? at 2240 F estimated from the methane decomposition tests.

k

) = 0.0126 sec™?!

A complete and consistent model for methane production in the PEDU may
now be given. The following equation can be written for any temperature and
contact time:

(8) () - b+ o) () @

For a given reaction temperature, b can be estimated from the paper by
Zahradnik and Glenn*® and k from Figure 3 and Equation (5). Then a plot of
reduced methane yield per atmosphere of hydrogen partial pressure as a
function of reduced residence time can be constructed, as in Figure 5.
Notice that as temperature increases, the decomposition rate increases,
thereby reducing the contact time required to destroy the methane. More-
over, for a given residence time, there is a "best" temperature at which to
operate, best in the sense of yielding the highest methane yield per atmos-
phere of hydrogen partial pressure. This "best" temperature is shown as a
function of residence time in Figure 6.

The results shown in Figures 5 and 6 are specific to the PEDU operation
and involve numerous assumptions. Moreover, the temperature values are
estimated reaction temperatures which combine the total effect of temperature
profiles and gas mixing patterns. As in all the correlations presented here,
they should be regarded as phenomenological and suggestive-~-not as the con-
sequences of strict mechanisms. Nonetheless, they do underscore the effect
of residence time and temperature on the yield from Stage 2.

STEAM-CARBON REACTION

The yield of carbon oxides from coal in Stage 2 has been attributed to
the steam-carbon reaction and water-gas shift.

C+HO0-CO+H

CO + B0 »COp + o
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Figure 5. Residence Time and Temperature Effect on Methane Yield
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Figure 6. Optimum Temperature for Methane

Production vs. Residence Time
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The rate of production, under Stage 2 conditions, 1is to a first order
approximation

, (Py,0)

rate = k ‘(P}_br
where k' 1s an effective rate constant. Proper integration of this equation
would have to take into account the temperature and composition paths, which

are unknown. However, if outlet conditions are used to approximate the
appropriate integrated equation, the following expression is obtained

. CY __ _ xr (9)

(),
(By,)

where CY = fraction of carbon in coal gasified to carbon oxides.

Figure 7 is a plot of the natural logarithim of the carbon oxide yield
expression from Equation (9) versus reciprocal outlet temperatures for all
the data for Pittsburgh seam coal. The overall fit is fairly good, indica-
ting that the various assumptions required to arrive at Equation (9) are
not unreasonable.

GASTFICATION PHYSICS

The physical processes taking place during entrained gasification are
as complex as the chemical ones, Complete modelling of the physics would
have to include the expansion of the jet of coal into the hot synthesis gas,
particle-particle collisions, particle heat up, etc. Many of these physical
processes have been exsmined by BCR in an attempt to understand entrained
gasification. - However, in the light of the previous discussion conzerning
the recirculation reformers set up by the coal feed, the most significant
physical process affecting methane yield is the mixing between the coal feed
and hot Stage 1 gases.,

Although it is not possible to predict or even infer the exact mixing
patterns in Stage 2 of the PEDU, some insight into these flow patterns can
be obtained by considering certain idealized conditions. If only the ex-~
pansion of the coal feed jet into Stage 2 is considered, the fluid mechanics
of turbulent jets predicts that the coal stream would strike the wall at a
distance XI}3’14, where

;P = 5,85 L

and 2 L is the Stage 2 diameter (ft). In the absence of reaction or other
influence from the Stage 1 gases, the coal feed jet would strike the wall of
the 8-inch diameter PEDU about 2 ft below its entrance.

As the coal feed jet slows down from its nozzle Vvelocity, it entrains

surrounding fluid in order to conserve its axial mementum and thereby sets
up recirculation currents. The mass rate of material recirculated, m,., per
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mass rate of material fed, m,, can be estimated from the following equation
proposed by Thringl‘.

o.47 ’

My,

= = —— - 0. 10

o, 2] > (10) ‘
Where

mo
i X0k |
|

and p, = density of surrounding fluid (1b/£t3) ‘

G = mp X Vo, = mass velocity at nozzle (ft lb/sec®)

Typical values for PEDU operation are:

P = 0.6 1b/ft® (22 molecular weight gas, 1020 psia, 2700° R) (
my = 100 Ib/hr = 2z 1b/sec ‘
v, = 50 ft/sec . : ,
G = %g ft 1b/sec®
Hence
1

= I s zf (50) 7T = lh%s
[5 7o )

And a typical recirculation ratio is:

mr 0.470 _
m,
Operation at this ratio would result in the first two feet of Stage 2

being fairly well mixed. According to Thring, recirculation into the jet be-
gins at a ‘distance Xns 1

0.5 = 6.4

xn=6.256L

which in this case is 1.7 inches. Entrainment intc the jet continues until
a distance X

— 4

X; = 3.12 (0.9% + 8) L

E—

which is ebout 13 inches. From this point onward disentrainment occurs,
reaching a maximum at about 16 inches.

These dimensions are summarized on Figure 8, which is a schematic of
the PEDU.

\/‘v
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Figure 8. Typical Entrainment, Disentrainment Distances inthe PEDU
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The high recirculation rate and the fact that entrainment is taking
place in the region where the hot Stage 1 gas enters Stage 2 indicate that
product decomposition could occur in the PEDU. And as we have seen in the
previous section, this does indeed occur.

When Stage 1 and Stage 2 are operating in concert, the mixing patterns
are unquestionably more complicated. The Stage 1 zone is 18 inches long
and its diameter is 6 inches. For these dimensions, it might be expected,
on the basis of cold jet mixing, that the Stage 1 gases would strike the
walls of the sidearm just prior to their entrance into Stage 2. However
it has been reported that the jet half-angle in a furnace flame is about
4-1/4 degrees. At this angle the distance for the jet to strike the Stage 1
chamber walls, xp, would be*t*

Xp = cot (8.5%) (3") = 20"

Since this distance exceeds the length of the Stage 1 Zone, recircula-
tion into Stage 1 from Stage 2 would be expected. From the previous argu-
ments, it must be concluded that this would include both product gas and
char. In actual fact, considerable insufflation into Stage 1 did occur,
since extensive slag deposits were observed along the entire bottom of this
zone. With this concept of PEDU circulation in mind, some tests were con-
ducted in which hydrogen was used for coal transport. Low pressure oper-
ation was also employed. 1In these cases, nozzle velocities exceeded
100 ft/sec, and in some cases approached 300 ft/sec. Since 8 is pro-
portional to

(mo/vo)lla
and if all other variables were held constant, an increase in nozzle velocity
to 200 ft/sec would decrease 8 from the previously considered value by a
factor of 1/2 to 8 = 0.035. Using this value, the mass recirculated ratio
then would become

or - 12.9
)

The locations of the entrainment and disentrainment areas would remain re-
latively the seme and, ideally, the jet would strike the Stage 2 chamber
walls at about the same 2-ft level.

Under such operation, one would expect that a considerably higher degree
of backmixing or recirculation would occur, although, of course, the average
residence time of the gases in this part of the reactor would be dictated by
overall flow rates. It is possible that the considerable backmixing leads
to a higher inventory of char, particularly in the high temperature region
exposed directly to Stage 1 input. This would lead to proportionately
higher char gasification (to carbon oxides) than in less well-mixed tests.

Figure 9 presents the results of the high nozzle velocity tests for

Pittsburgh seam coal. It can be seen that the carbon oxide yields are in-
deed higher than expected.
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Yield Group for Pittsburgh Seam Coal
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The methane yields for these tests correlated in the same way as did
those for the lower nozzle velocity tests and are included in Figure L.
This is as expected since the reactivity of char to direct methanation by
hydrogen is considerably less than the active form of carbon produced in
the initial heat-up of coal. Consequently, a higher char inventory, even
in the high temperature region, would not produce higher methane ylelds.

DISCUSSION

It must be remembered that the results and correlations expressed in
the previous sections are specific to the geometry and conditions of the
PEDU. They do not represent fundamental limitations on the entrained gasi-
fication of coal, but are to be taken as guidelines to basic understending
of the process. Thus, if the flow patterns set up by the PEDU geometry re-
sult in destruction of a portion of the methane, it should be possible to
alter this geometry to improve methane yields. For example, if the coal
feed nozzle were lowered into Stage 2, the back mixing of coel and product
gases into the hotter regions of the gasifier would be reduced.

In order to test this idea, arrangements were made to extend the coal
feed nozzle to various lengths inside Stage 2. The best location of those
tested occurred with the nozzle one inch below the Stage 1 center line.
With Pittsburgh seam coal as feedstock and the nozzle in this position, a
methane yield of 25 percent was obtained for an outlet hydrogen partial
pressure of 16 atmospheres. This exceeds the correlation established for
the original nozzle position shown in Figure 10 and emphasizes the import-
ence of proper flow patterns in Stage 2.

Carbon oxides yield for this nozzle position was less than expected

from earlier correlations, as shown in Figure 11. In this case, the product

methane and char which were recirculated would have been exposed to less

severe temperatures and hence contributed less to the yield of carbon oxides.

The correlations discussed in the previous sections can therefore be
viewed as conservative., With proper design to avoid recirculation of pro-
duct methane into zones of high temperature, the next generation two-stage
gasifier can be expected to produce methane yields in excess of those ob-
tained in the PEDU.

The PEDU tests discussed here have provided considerable information on
the effects of temperature and residence time on the process. We have shown
in this paper that simple ideas of gasification chemistry and physics can be
combined into expressions adequate for correlating these data. Extrapolation

of these expressions gives estimates for the methane yields which might be
obtained from the entrained gasification of coal. For example, the extra-
polations of Figure 6 indicate that if residence times could be limited to

2 seconds and effective temperatures of 2800 F were attained while maintain-

ing 20 atmospheres of hydrogen partial pressure, methane yields of 38 per-
cent could result. Even at effective temperatures of 2240 F, which we know
we can achieve, methane yields in excess of 30 percent could be obtalned if
residence times could be kept to 1 or 2 seconds.
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Whether the exact nature of the rapid, high temperature gasification of
coal is properly captured by the correlations of this paper to allow such
extrapolations to be validly made is of course open for discussion. Whether
gasifiers with proper geometrics can be designed to attain these high yields
remains to be seen. But on the basis of the analysis proposed in this
paper, the promise is there.

ACKNOWLEDGEMENT

This paper is based on work carried out at Bituminous Coal Research,
Inc. with support from the Office of Coal Research, U.S. Department of the
Interior, under Contract No. 14-32-0001-1207, and the American Gas Associa-
tion. The authors also acknowledge the advice and encouragement of Dr.
Ernest Donath.

225



10.

REFERENCES CITED

"Gas Generator Research and Development - Phase I. Survey and
Evaluation,” Bituminous Coal Research, Inc., Rept. to U.S. Office of
Coal Res,, R&D Rept. 20--Interim Rept. No. 1, Washington: U.S. Govern-
ment Printing Office, 1965. & volumes.

(Out of print copies on file at OCR depository libraries.)

"Gas Generator Research and Development - Phase II. Process and
Equipment Development,"” Bituminous Coal Research, Inc., Rept. to U.S.
Office of Coal Res., R&D Rept. 20--Final Rept., Washington: U.S.
Government Printing Office, 1971. (520 pp.)

Donath, E.E. and Glenn, R.A., "Pipeline gas from coal by two-stage
entrained gasification,” in "Operating Section Proceedings," New York:
Am. Gas Assoc., 1965. pp 65P1L7-151.

Field, M. A., Gill, D. W., Morgan, B. B., and Hawksley, P. G. W.,
"Combustion of Pulverized Cosal," Leatherhead, England: Brit. Coal
Util. Res. Assoc., 1967,

" Glenn, R. A., Donath, E. E., and Grace, R. J., "Gasification of coal

under conditions simulating Stage 2 of the BCR two-stage super-pressure
gasifier," in "Fuel Gasification,” Advances in Chemistry Series 69,
R. F. Gould, Ed., Washington: Am. Chem. Soc., 1967. pp 81-103.

Glenn, R. A. and Grace, R. J., "An internally-fired process development
unit for gasification of coal under conditions simulating Stage Two of
the BCR two-stege super-pressure process,” Second Synthetic Pipeline
Gas Symposium, Pittsburgh, Pa., Am. Gas Assoc., 1968. 17pp.

Glenn, R. A., "Status of the BCR two-stage super-pressure process,"
Third Synthetic Pipeline Gas Symposium, Pittsburgh, Pa., Am. Gas
Assoc,, 1970. 18pp.

Grace, R. J., Glenn, R. A., and Zahradnik, R. L., "Gasification of
lignite by the BCR two-stage super-pressure p:.ocess,” Symposium on
Synthetic Hydrocarbon Fuels from Western Coals, Denver, Colo., Am.
Inst. Chem. Engrs., 1970. 23 pp.

Grace, R. J. and Zahradnik, R. L., "BI-GAS process enters pilot plant
stage," Fourth Synthetic Pipeline Gas Symp., Chicago, Ill., Am. Gas
Assoc., 1972. 22 pp.

Moseley, F. and Paterson, ‘D., "The rapid high-temperature high-pressure
hyggogenation of bituminous coal," J. Inst. Fuel 40 (322), 523-30
(1967). -

Moseley, F. and Paterson, D., "The rapid high-temperature hydrogena-

tion of coal chars - Part 1: Hydrogen pressures up to 100 atmospheres,"”
J. Inst. Fuel 38 (288), 13-23 (1965).

226

v



L ee— -

s’

(T4

N
\

12,

13.

1k,

15.

Moseley, F. and Paterson, D., "The rapid high-temperature hydrogena-
tion of coal chars - Part 2: Hydrogen pressures up to 1000 atmospheres,"
J. Inst. Fuel 38 (296), 378-91 (1965).

Narasimham, K. S., "Flame length calculation for furnace design,” Erdol
und Kohle 24 (7), 471-472 (1971).

Thring, M. W., "The Science of Flames and Furnaces," 2nd ed., New York:
John Wiley & Sons, Inc., 1962. 625 pp.

Zehradnik, R. L. and Glenn, R. A., "Direct methanation of coal,"
Fuel 50 (1), 77-90 (1971).

2217




KINETICS OF BITUMINOUS COAL CHAR GASIFICATION
WITH GASES CONTAINING STEAM AND HYDROGEN

by

J. L. Johnson

Institute of Gas Technology
Chicago, Illinois 60616

]NTRODUCTION

Correlations to quantitatively define the effects of pertinent intensive ‘

variables on the kinetics of coal or coal char gasification reactions are

. necessary for the rational design of commercial systems to convert coal

to pipeline gas. The available information, which can be applied to the

development of such correlations is relatively limited, particularly because

the data reported from many studies conducted with integral contacting

systems reflect, in part, undefined physical and chemical behavior peculiar

to the specific experimental systems used. Although some differential rate

data have been obtained with various carbonaceous materials, they cover

only narrow ranges of the conditions potentially applicable to commercial

gasification systems.

During the last several years, the Institute of Gas Technology (IGT) has
been conducting a continuing study to obtain fundamental information on the
gasification of coals and coal chars, which could be used, along with selected
information in the literature, to develop engineering correlations which
quantitatively define the effects of intensive variables on gasification rates
over a wide range of conditions applicable to a variety of conceivable gasifi-
cation processes. The models and correlations developed at the present

_time are primarily applicable to bituminous coal chars prepared at mild or
severe conditions in either inert or oxidizing atmospheres. Although we have
achieved some success in applying these correlations to the gasification of
subbituminous and lignite coals for limited ranges of conditions, the gasifica-
tion kinetics of such materials have shown wide deviations from predictions
of the correlations at lower temperatures and during initial stages of

gasification.
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The objective of this paper is a) to discuss the models which have been

developed; b) to present the correlations derived from these models; and

c) to demonstrate the consistencies between predictions of these correlations
and various experimental gasification data obtained primarily with bituminous
coal chars. We obtained the experimental information used in developing the
models from two main sources. Initial development of the model for applica-
tion to the gasification of devolatilized coal char in hydrogen and steam-
hydrogen mixtures was based both on data obtained in an extensive study
conducted at IGT with a high-pressure thermobalance apparatus and on
differential rate data obtained by investigators at the Consolidation Coal
Company for the gasification of Disco char in a small-scale fluid bed. % 1819
Then, the model was extended to apply to the gasification of char containing
volatile matter and to gasification with gases containing carbon monoxide,
carbon dioxide, and methane, as well as steam and hydrogen, using data

obtained primarily in the thermobalance study.

The thermobalance has been a particularly useful tool for obtaining funda-
mental gasification information, since with this type of apparatus, gasification
rates can be measured at constant, well-defined, environmental conditions.
Since a major amount of the information used in the formulation of the kinetic
models developed, was based on data obtained in several hundred tests con-
ducted with the thermobalance, a brief description of this apparatus is given

below.

EXPERIMENTAL

The thermobalance is an apparatus capable of continuously weighing a coal
sample which is undergoing reaction in a gaseous environment of desired
composition at a constant pressure. The temperature can either be kept
constant or varied. (l10°F/min is the maximum rate for the apparatus used
at IGT.) The nature of gas-solid contacting with the apparatus used in this
study is shown in Figure 1. The coal sample is contained in the annular space
of a wire-mesh basket bounded on the inside by a hollow, stainless-steel tube
and on the outside by a wire mesh screen. To facilitate mass and heat
transfer between the bed and its environment, the thickness of the bed is only
2-3 particle diameters when using —20+40 USS sieve-size particles. Gas flow
rates used with this system are sufficiently large relative to gasification rates,

that gas conversion is limited to less than 1% for devolatilized coal char.
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Figure 1. DIAGRAM OF THERMOBALANCE REACTOR

The following is a typical test procedure: The wire mesh basket is
initially in an upper cooled portion of the reactor in which a downward, inert
gas flow is maintained. During this time the desired temperature and pressure
conditions are established in a lower heated portion of the reactor in the
presence of a flowing gas. A test is initiated by lowering the basket into
the heated reaction zone, a procedure which takes 5-6 seconds. Theoretical
cornputation indicates that about 2 minutes are required for the sample to
achieve reactor temperature, as measured by several thermocouples
surrounding the basket in the reaction zone. This computation is reasonably
corroborated by various kinetic indications and by the behavior of the thermo-
couples in reattaining their preset temperatures. The sample is kept in the N
heated portion of the reactor for the specified time while its weight is con-
tinuously recorded. The test is terminated by raising the basket back to the

upper, cooled portion of the reactor.
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During a test, the dry feed gas flow rates are measured by orifice meter
and the dry product gas flow rates by a wet-test meter. Periodic samples
of product gas are taken to determine the dry gas' composition by mass
spectrograph. Feed and product steam flow rates are measured by gravi-
metric means, and the solids residues are analyzed for total carbon and

hydrogen.

Figure 2 shows some typical, smoothed, weight loss-versus-time charac-

teristics obtained using an air-pretreated hvAb Pittsburgh coal char from the

Ireland mine. These curves are discussed in more detail in a subsequent

L CHAR, Hp AT 1000 psid

COA

06—

AT 500 psig

COAL CHAR, H2

04

AT 500 psig

R, H2

CHA
03 g PRETREATED COAL

A COAL CHAR, N2 AT 500 psig
0.2

TEMPERATURE = 1700 °F

WEIGHT-LOSS FRACTION, g/g feed solids

[N ot

0 | { ] 1 | 1
[o] [ 2 3 4 5 6 7
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Figure 2. TYPICAL WEIGHT-LOSS CURVES OBTAINED WITH THE
HIGH-PRESSURE THERMOBALANCE FOR GASIFICATION OF
AIR-PRETREATED IRELAND MINE COAL CHAR IN
HYDROGEN AND IN NITROGEN

SN i ———

section of this paper. The composition of the coal char, used extensively

in the experimental study, is given in Table 1.

- ———
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Table 1. COMPOSITION OF AIR-PRETREATED hvAb
PITTSBURGH NO. 8 COAL CHAR (Ireland Mine)

Ultimate Analysis, dry wt %
Carbon 71.1
Hydrogen 4.26
Oxygen 8. 85
Nitrogen 1.26
Sulfur 3.64
Ash 10. 89

Total 100. 00

. o dry
Proximate Analysis,—es-treeetvred

Fixed Carbon 60.7
Volatile : 28.4 1
Ash 10.9 ,

Total 100.0 .

DESCRIPTION OF KINETIC MODELS

‘When a coal or coal char containing volatile matter is initially subjected
to an elevated temperature, a series of complex physical and chemical changes
occur in the coal's structure accompanied by thermal pyrolysis reactions,
which result in devolatilization of certain coal components. The distribution
of the evolved products of the reactions, which initiate at less than 700 °F and
can be considered to occur almost instantaneously at temperatures greater
than 1300 °F, is generally a function of the temperature, pressure, and gas
composition existing during devolatilization and of the subsequent thermal and
environmental history of the gaseous phase (including entrained liquids) prior

to quenching.

When devolatilization occurs in the presence of a gas containing hydrogen
at an elevated pressure, in addition to thermal pyrolysis reactions, coals or
coal chars containing volatile matter also exhibit a high, although transient,
reactivity for the formation of methane. Although some investigators have

suggested that this process occurs concurrent with thermal pyrolysis reactions,
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results of studies made with a greater time resolution indicated that this
rapid-rate methane formation occurs at a rate which is at least an order of
magnitude slower than devolatilization.?* 17 In this sense it occurs consecu-

tively to devolatilization.

The amount of carbon gasified to methane during the transient period of
high reactivity increases significantly with increases in hydrogen partial
pressure.’» % 17 Experimental evidence indicates that, at sufficiently high
hydrogen partial pressures, virtually all of the carbon not evolved during
devolatilization can be gasified to methane during a very short time period
by this process.!3 This is contrary to some proposed models, which assume
that only a limited amount of carbon can be gasified in this reaction stage,

regardless of the hydrogen partial pressure. 3, 16

At temperatures greater than 1700°F, the transient reactivity for rapid-
rate methane formation exists for a very short period of time. For coals,
or coal chars prepared in inert atmospheres, this period lasts only seconds
or less.!® IGT's studies suggest that for air-pretreated coal chars, this
period is more extended, although the total amounts of carbon which can be
gasified by this process at a given temperature and hydrogen partial pressure,
are comparable for coals and coal chars prepared at sufficiently low tempera-

tures either in inert gas or in air.

After the devolatilization and rapid-rate methane formation stages are
completed, char gasification occurs at a relatively slow rate, and various
models to describe the gasification kinetics of this material for various
limited ranges of conditions have been proposed. The differential rates of
reaction of devolatilized coal chars are a function of temperature, pressure,

gas composition, carbon conversion, and ''prior history. "

General Assumptions in the Development of Models

The models developed in this study for the quantitative description of coal
char gasification kinetics assume that the overall gasification process occurs
in three consecutive stages: 1) devolatilization, 2) rapid-rate methane for-
mation, and 3) low-rate gasification. The reactions in these three stages are
independent. Further, a feed coal char contains two types of carbon, volatile

carbon and base carbon.
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Volatile carbon can be evolved solely by thermal pyrolysis, independent

of the gaseous medium. The distribution of evolved products derived from
the volatile carbon fraction is not defined in the model. In any application
of the model to an integral contacting system, the devolatilization products
are estimated by extrapolation or interpolation of yields obtained in pilot-

scale fluid or moving-bed systems. This procedure can be applied for

narrow ranges of conditions and only for very similar contacting systems.

Base carbon remains in the coal char after devolatilization is complete.
This carbon can be subsequently gasified either in the rapid-rate methane

formation stage or in the low-rate gasification stage.

A quantitative estimation of the initial amounts of volatile and base carbon /{

is made from standard analyses of the feed coal char. The following defini-

tion has been made: {

C, (volatile carbon), g/g of feed coal = C? (total carbon), g/g of feed coal .
- C,g (base carbon), g/g of feed coal (1)
where C? represents the total carbon in the feed coal char obtained from an
ultimate analysis and Cg represents the carbon in the 'fixed carbon'' fraction
of the feed coal as determined in a proximate analysis. It is emphasized that
Cg does not equal the fixed carbon fraction, since the fixed carbon fraction ,
. includes, in addition to carbon, other organic coal components not evolved

during standard devolatilization.

Experimental results from thermobalance or free-fall tests conducted at
IGT indicate that the assumption of a constant volatile carbon fraction is valid
for coal heat-up rates as high as 200°F/s. However, other studies conducted : {
with extremely rapid heat-up rates (10% to 10?7 °F/s) have shown that quantities |
of carbon evolved during thermal pyrolysis can exceed the volatile carbon
fraction defined in this model.® ! An allowance for the increase in evolved
carbon would, therefore, have to be made in systems employing such high

heating rates.
The base carbon conversion fraction, X, is defined as:
o
_ base carbon gasified _ cb _ cb (2)
~ base carbon in feed coal char ~ o

Cy
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where

C, = base carbon in coal char at an intermediate level of
gasification, g/g feed coal char

When making a kinetic analysis of the thermobalance data, it was neces-
sary to relate the measured values of weight-loss fraction, AW/WO, to the
base carbon conversion fraction, X. When devolatilization is complete,
essentially all of the organic oxygen has been gasified. Thereafter, additional
weight loss, which primarily results from gasification of the base carbon, is
accompanied by the evolution of a constant fraction of noncarbon components
in the coal such as nitrogen, hydrogen, and sulfur. Estimates of an average
value of the fraction of noncarbon components gasified along with the base
carbon for each type of coal char tested, have been based on analyses of char
residues obtained in thermobalance and pilot-scale fluid-bed tests. With

this simplifying assumption, the following relationships result:

Cp=(1-v-a)(1-v% (3)
and
Cyp = Cp — [(aW/W ) =V] 1 =) (4)
where
V = volatile matter in feed coal char (including moisture),
g/g feed coal char
A = nongasifiable matter in feed coal char (including ash and some
sulfur), g/g feed coal char
¥y = noncarbon matter evolved along with base carbon,

g/g base carbon evolved

Thus, from Equations 2, 3, and 4 —

(Awlwo) -V

X=—7T=—v-a_ (5)

The results shown in Figure 2 can be interpreted by the three reaction
stages defined above. Curve A corresponds to a test in which air-pretreated
Ireland mine coal char was exposed to a nitrogen atmosphere at a pressure

of 500 psig. During the first minute when the sample is heating up in the
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thermobalance, the weight loss corresponds to the evolution of volatile

matter. After this period, no further significant weight loss occurs. The
total weight loss of approximately 26 % corresponds closely to the volatile
matter in the feed coal char obtained by standard proximate analysis.

Within the context of the three reaction stages defined, weight loss in this

test occurs entirely in the devolatilization stage, where all of the volatile /)
carbon has been gasified; all of the base carbon remains in the devolatilized ,
coal char. When the char resulting from this test is then exposed to hydro- ;

gen at 500 psig (curve B), the reaction of the hydrogen with base carbon to
form methane results in further weight loss. This reaction, which takes
place at a much lower rate than devolatilization, occurs in the low-rate
gasification stage. With this particular sample, there was no reaction in
the rapid-rate methane formation stage because the reactivity of the coal

char in this stage was de stroyed during prolonged exposure to nitrogen.

Weight loss as a result of the reaction in the rapid-rate methane forma-
tion stage is illustrated by curve C, where a sample of the original coal char
was exposed only to hydrogen at 500 psig with no initial exposure to nitrogen.
There is a weight loss during the first minute of this test which is considerably
greater than the corresponding weight loss obtained during this period when
the coal char was exposed to nitrogen (curve A). The difference in the amount
of weight loss between curves C and A during the first minute, or so, is .
caused by gasification of base carbon in the rapid-rate methane formation
stage. Weight losses of the magnitude exhibited by curve B during this
initial period are negligible. This is consistent with the assumption that base
carbon gasification in the rapid-rate methane formation stage and in the low-

rate gasification stage occur consecutively.

Curve D is qualitatively similar to curve C, except that there is a greater ~
weight loss from rapid-rate methane formation resulting from the higher

hydrogen pressure.
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Correlations for Rapid-Rate Methane Formation Stage

The amount of base carbon gasified during the rapid-rate methane forma-
tion stage can be estimated by the base carbon conversion level, XR, ob-
tained from weight loss-versus-time characteristics 2 minutes after a
sample is lowered into the reactor. As indicated previously, this corresponds
to the time required for coal heat-up. During this period negligible conversion
occurs in the low-rate gasification stage, although devolatilization and rapid-
rate methane formation reactions should be complete at temperatures above
approximately 1500 °F. Values of XR have been correlated with hydrogen

partial pressure, P_. , according to the following expression for data obtained

H,
in tests conducted at a variety of conditions:

XR
~ exp (+ oX?)dX _ )
M(X ) _fo ‘%:T(?%_ = 0.0092 £y Py 6)

where
PH = hydrogen partial pressure, atm
2
fR = relative reactivity factor for rapid-rate methane formation
dependent on the particular carbonaceous solid. (Defined as
unity for air-pretreated Ireland mine coal char.)
o = kinetic parameter dependent on gas composition and pressure

The value of ¢ in the above expression is approximately 0. 97 for tests con-
ducted in pure hydrogen or in hydrogen-methane mixtures, and is approxi-
mately equal to 1.7 for a wide variety of gas compositions containing steam
and hydrogen. This parameter will be discussed in greater detail in a later
section on the low-~rate gasification stage. It is of interest here, however,

that for the case where ¢ = 0.97, then M(XR) ~ —1n(l — XR).

In Figure 3, a plot of the function, M(XR), versus hydrogen partial pressure,
PHZ, for a number of tests conducted on the thermobalance with air-pretreated
Ireland mine coal char, shows the good agreement between these data and the
correlation form given in Equation 6. Equation 6 also appears to be reason-

ably applicable to the gasification of some coals, as well as to coal chars.
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Data obtained by Birch, et al., ‘for the hydrogenation of Brown coal in a
fluid bed and by Hiteshue, et al., 1 for the hydrogenation of a hvAl, Fittsburgh
coal in a fixed bed are given in Figures 4 and 5. Details of the procedures
used in treating the data from these two investigations have been previously
described.’* It is of practical interest that relatively small variations in
values of fR are exhibited by the different materials ‘considered. Similexr
small degrees of variation have also been noted for several other bituminous

coal chars tested at IGT using the thermobalance.

The gasification of base carbon in the rapid-rate methane formation stage
is apparently only dependent on hydrogen partial pressure and is not de-
pendent on the partial pressures of other gaseous species normally present

in gasifying atmospheres. This is partly indicated in Figure 3 for tests
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conducted with hydrogen-methane and hydrogen-steam mixtures, and has
also been observed with synthesis-gas mixtures. In a system containing

no hydrogen, no evoslution of base carbon occurs except through gasification
in the low-rate gasification stage. In Figure 6, this effect is illustrated for
tests conducted with pure steam. After the first few minutes, there is no
difference in the weight-loss traces for a sample of air-pretreated coal char
initially lowered into a steam atmosphere, and one which wasg devolatilized
in nitrogen prior to being exposed to the steam atmosphere. This behavior
can be compared to results shown in Figure 2 for similar tests conducted in

hydrogen.
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Figure 6. WEIGHT-LOSS CURVES OBTAINED IN HIGH- PRESSURE
THERMOBALANCE FOR GASIFICATION OF AIR-PRETREATED
IRELAND MINE COAL CHAR IN STEAM AND IN NITROGEN
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Although the effects of pretreatment temperature on reactivity in the

rapid-rate methane formation stage have not been systematically studied in
this investigation, some indication is apparent from the results given in
Figure 7. It shows total weight losses for materials subjected to different
pretreatments in nitrogen obtained after gasification of air-pretreated coal
char in hydrogen for 1 hour. Below 1000°F, no effect of the nitrogen pre-
treatment is apparent on subsequent weight loss in hydrogen. Above this
temperature, however, the total weight loss for materials initially exposed
to nitrogen tends to decrease with increasing temperature, and above
approximately 1500 °F, no rapid-rate methane formation occurs with these

materials.

The correlation described by Equation 6 was developed based on data ob-
tained from thermobalance tests conducted above 1500 °F, where coal char
samples were submitted to rather specific heat-up rates characteristic of
the experimental apparatus (approximately 30°F/s). The fact that this
correlation appears to apply for data obtained in other experimental systems
where heat-up rates as high as 200 °F/s were employed, suggests that,
within a limited range of heat-up rates, base carbon conversion in the rapid-
rate methane formation stage is independent of heat-up rate for final tempera-
tures greater than 1500°F. This conclusion only applies for the case where
reaction in the rapid-rate methane formation stage goes to completion. At
sufficiently low temperatures, the amount of base carbon conversion which
can be attributed to rapid-rate methane formation, is less than that which
would be predicted by Equation 6, even for exposure to hydrogen for periods
as long as 1 hour. This is appé,rent from the results shown for curve A

in Figure 7.

Data obtained in a series of experiments conducted at lower temperatures,
such as those illustrated in Figure 7, have been correlated using a more
detailed model to describe the rapid-rate methane formation process prior
to the completion of this reaction. This model is described in a previous
publication. !4 It is of interest here, however, to point out certain charac-

teristics of this model which rationalize the independence of total base
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carbon conversion in the rapid-rate methane formation stage from heating
rate and final temperature for tests conducted above 1500 °F. The following

critical steps assumed in the model relate to this range of conditions:

A - A, (7)

A ,-B (8)
By

base carbon + hydrogen — methane (9)

This model, which is qualitatively similar to one proposed by Mosely and
Patterson, '3 agsumes that the coal char initially forms an active intermediate,
Ay, (Equation 7) which catalyzes the reaction between base carbon and
gaseous hydrogen to form methane (Equation 9). This reaction, however,
competes with a reaction in which A, deactivates to form the inactive species,

B (Equation 8).

The following expression is assumed to describe the rate of reaction in

Equation 9:
dX/dt = fpky(T)Py (1= x)*8 exp(—aX?)N, (10)
where
k;(T) = rate constant dependent on temperature, T
NA* = concentration of species, A, mol /mol of base carbon
t = time

The rates of reactions in Equations 7 and 8 are assumed to be first order,

leading to the expression —

d(NA*+NA )/ dt = — ky(T) - NA (11)
o #*
where, .
k,(T) = rate constant, dependent on temperature
NA = concentration of species, Ao, mol /mol base carbon
o
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Combining Equations 10 and 11 leads to the expression —

dx _ k(T 2B 2
. fR—ki{-T-;— Py (1 = X exp(-ax?) (12)
A* Ao

If, then, it is assumed that the ratio k;(T)/k,(T) is independent of temperature
and is equal to 8, then Equation 12 can be integrated to yield the following

expression for the condition at which all of the species Al has been converted

XR
exp{aX?)dX o ‘
M(Xp) ‘f _%—:7()5273— =fgB- Na, FH, (13)
0

Comparing this expression with Equation 6 indicates that BNK =0.0092

to B.

atm~!. Since no definition of the temperature history was rquired in the
development of Equation 13, the suggested model indicates that the amount of
base carbon conversion to methane during the rapid-rate methane forrmation
step is independent of heat-up rate or temperature level when the intermediate,

A, has been completely deactivated.

Correlations for Low-Rate Gasification Stage

For practical purposes, coal chars undergo low-rate gasification only
after the devolatilization and rapid-rate methane formation reactions are
completed. Results obtained with the thermobalance indicate that, at tem-
peratures greater than 1500 °F, char reactivity over a major range of carbon
conversion in the low-rate stage is substantially the same whether devola-
tilization occurs in nitrogen, or in a gasifying atmosphere at the same
conditions. Therefore, this study treats low-rate char gasification as a
process essentially independent of devolatilization conditions, with one
important exception: The temperature of devolatilization, since it has been
shown in this study as well as by Blackwood? that the reactivity of a char at
a given temperature, T, decreases with increasing pretreatment temperature,
To’ when T0 > T. This effect is quantitatively represented in the correlations
presented below. However, the model adopted does not account for pretreat-~

ment effects on gasification during initial stages of char gasification, which
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occur particularly at gasification temperatures less than 1600 °F. At these

lower temperatures, specific pretreatment conditions such as gas atmos-
phere and time of pretreatment produce somewhat complex effects during
subsequent gasification for base carbon conversions of less than 10 %, 8
These limitations have no practical significance in using the simplified
model developed to describe coal char gasification kinetics at higher tem-
peratures, or for base carbon conversion levels sufficiently greater than
10 %.

The gasification data of Zielke and Gorin'® !? and Goring, et al.,’® obtained
for fluid-bed gasification of Disco char, as well as the bulk of data obtained
in‘IGT's studies with the high-pressure thermobalance and pilot-scale fluid
beds, were used to evaluate parameters in a quantitative model developed
to describe coal char gasification kinetics over a wide range of conditions
in the low-rate gasification stage. Three basic reactions were assumed to

occur in gases containing steam and hydrogen:
Reaction I: H,O0+C=CO+H,

Reaction II: 2H, + C = CH,
Reaction III: H, + H,O0 +2C = CO + CH,

Reaction I is the conventional steam-carbon reaction, which is the only one
that occurs in pure steam at elevated pressures* or with gases containing
steam at low pressure. Although, at elevated temperatures this reaction is
affected by thermodynamic reversibility only for relatively high steam con-
versions, the reaction is severely inhibited by the poisoning effects of
hydrogen and carbon monoxide at steam conversions far removed from
equilibrium for this reaction. Some investigators have also noted inhibition

by methane.

Reaction 1I, the only reaction that could occur in pure hydrogen or in
hydrogen-methane mixtures, greatly depends on the hydrogen partial pressure.
Many investigators have found that, at elevated pressures, the rate of this

reaction is directly proportional to the hydrogen partial pressure.

* Although some methane has been detected in gaseous reaction products
when gasification is conducted with pure steam, it is uncertain whether
this methane results from the direct reaction of steam with carbon or
from the secondary reaction of hydrogen, produced from the steam-
carbon reaction, with the carbon in the char.
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The stoichiometry of Reaction III limits its occurrence to systems in

which hoth steam and hydrogen are present. Although this reaction is the

stoichiometric sum of Reactions I and II, this model considers it to be a
third independent gasification reaction. This reaction, arbitrarily assumed
to occur in the development of this model to facilitate correlation of ex-
perimental data, has been suggested by Blackwood and McGrory* as being
necessary in such a system. Curran and Gorin® also assumed this reaction
to correlate kinetic data for gasification of lignite at 1500 °F in steam-

hydrogen-containing gases.

The correlations developed in this study to describe kinetics in the low-
rate gasification stage are summarized as follows:

2/3

dx/dt = £ kT(l—X) exp (—aX?) (14)

L
where,

kT =kI+kH+kH'I (15)

Here, kI’ kI_I’ and kII.[ are rate constants for the individual reactions con-
sidered. It is assumed that each of the three reactions occur independently,
but that the rate of each is proportional to the same surface area and surface
reactivity terms. The term (1 — X)Z/3 is proportional to the effective surface
area undergoing gasification, and the term exp(—aX?) represents the relative
reactivity of the effective surface area, which decreases with increasing -

conversion level for positive values of .

Individual parameters in Equations 14 and 15 are defined as functions of

temperature and pressure according to the following expressions:

£, =f_ exp(8467/T ) (16)

P..P
exp(9.0201 — 31,705/ T)[1 __.C_O_Héh

_ Pr,0%1
k, = ~ an
L 1 Py Pco
1+exp(—22.2160 + 44,787/T 5 +16.35§-—2— +43.5 5—
H,0 H,0 H,0] | .
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L ——

- P
P2 exp(2.6741 —33,076/T) |1 — —=Hs

H, P KE
ky=—77T%7P (=10. 4520 + 19 976/1‘)HZ = (18)
T + H, exp . s f
P P )
1/; \
P P exp(l2.4463 — 44,544/ T)[1 — —CHa €O _ |
P, P K
H, H,0 i1 |
koo = = —  (19)
11 l { 12 pCH 1
i1 + exp(—6.6696 + 15,198/T) P +0.85P +18.62 ——4{
' H, ‘ cO PHZ
‘ /]
52.7 P 0.521P%2 p
o= H . H M0 (20)
1+ 54.3PHZ 10.707 PHZO + 0.50 PHz PHZO
where,
K7, K, K = equilibrium constants for reactions I, II, and III,
1 1I 111 . . .
considering carbon as graphite
T = reaction temperature, °R
To = maximum temperature to which char has been exposed

_prior to gasification, °R (if T0 < T, then a value of

T, =T is used in Equation 16)

P P

H;’ " HO’
PCO’ PCH4 = partial pressures of H,, H,O, CO, and CH,, atm
'fo = relative reactivity factor for low-rate gasification

dependent on the particular carbonaceous solid

Values of f0 obtained in this study were based on the definition fo =1.0
for a specific batch of air-pretreated Ireland mine coal char. Samples of
this coal char obtained from different air-pretreatment tests exhibited some
variations in reactivity as determined by thermobalance tests conducted at
standard conditions. The values of fo so determined, ranged from approxi-

mately 0. 88 to 1.05. - Results of tests made with the thermobalance using a

‘variety of coals and coal chars have indicated that the relative reactivity

factor, fo, generally tends to increase with decreasing rank, although
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individual exceptions to this trend exist. Values have been obtained
which range from 0.3 for a low-volatile bituminous coal char to about 10 for
a North Dakota lignite. The reactivity of the Disco char used in gasification

studies conducted by the Consolidation Coal Company? 1619 isg f, =0.488.

An integrated form of Equation 14 was used to evaluate certain parameters

in the above correlations, based on data obtained with the thermobalance.
X
X
M(X) = X exp(+ox?) dX _ R exp(+ax?)dx + exp(—aX?) dX
- 1 —X)s - 1 —-X 1 —X)“A
0 0 Xr
XR + @ X2)dX
_ ex o
_fo _(‘12132?75)_‘ ti kot (21)

XRr
2
The termf exl i—o}z{X 3dx was evaluated from Equation 6 for tests in
0

which no nitrogen pretreatment was used. For tests in which the feed coal
char was initially devolatilized in nitrogen at the same temperafure and
pressure to be subsequently used for gasification in a gasifying atmosphere,
reactivity for rapid-rate methane formation was destroyed above 1500 °F

and XR = 0. For this condition —

X
exp(+aX?)dX
M(X) =f 7"-1’1-(_—_—XW3— = f kot (22)
0

Typical plots of M(X) versus t are given in Figures 8, 9, and 10 for data
obtained with air-pretreated Ireland mine coal char. The slopes of the lines
drawn correspond to values of kaT characteristic of each test. Results of
tests conducted with pure steam (Figure 8) were correlated using & = 0
consistent with Equation 20 which corresponds to the gituation in which
g cpr as dX /dt
specific gasification rates, 1—X

conversion level. For gasification in hydrogen or steam-hydrogen mixtures

, increase with an increasing carbon

(Figures 9 and 10), however, specific gasification rates generally decrease

with increasing conversion level.
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Carbon gasification rates were directly measured in the fluid-bed tests

conducted with Disco char, %1% 1% and values of f; ko and & can be obtained
graphically by plotting values of ln zdl_X:_/_d_;)_z/? versus X%. Such a plot is

illustrated in Figure 11,where the value of ‘J‘((—%—/}gﬁ?? at X = 0 is equal

to kaT and the slope of a given line is equal to &. Generally, the correla-
tions presented are consistent with values of kaT and g obtained for the
gasification of Disco char at temperatures of 1600° and 1700 °F and pressures
of 1, 6, and 30 atmospheres for gasification with pure hydrogen and with
various steam-hydrogen mixtures. The correlations are also consistent
with individual rates of methane and carbon oxide formation reported in the
investigations conducted with Disco char for initial levels of carbon conver- /
sion. Although the relative rates of methane to carbon oxide formation

were reported to increase somewhat with increasing conversion level,

a trend not accounted for in the model developed in this study, investigators
at the Consolidation Coal Company have suggested that this effect was

caused by a catalytic reaction downstream of the fluid-bed reactor em-
ployed, in which some of the carbon monoxide produced in the reactor was

converted to methane. >

The consistency between the calculated and experimental values of kaT
for tests conducted at a variety of conditions with the thermobalance using
air-pretreated Ireland mine coal char is demonstrated in Tables 2, 3, and
4 and in Figures 12, 13, and 14. The correlations developed have also been
used to predict behavior in pilot-scale moving- and fluid-bed tests conducted
at IGT and elsewhere. The assumptions made in characterizing the nature
of gas-solids contacting in these integral systems have been previously
described. !* The most important assumptions made for fluid-bed systems
are a) the gas in the fluid bed is perfectly mixed and b) when continuous
solids flow is employed, the solids are in plug flow. For moving-bed
systems, we assumed that both gas and solids were in plug flow. With ‘ )

these simplifying assumptions, the conditions of primary importance in [
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(&Y

charactérizing integral gasification behavior in individual tests include coal

~

char feed rate and composition, particle residence times in the reactor, /
reactor temperature, pressure, feed gas composition, and flow rate. For
cases where coal char contaihing volatile matter was used as a feed material,
rapid-rate methane formation and devolatilization were assumed to occur !
in a free-fall space above the reaction beds erﬁployed in the systems. When K
devolatilized coal char was the feed material, no rapid-rate methane forma-
‘tion was considered to occur. Predicted and experimental integral rates of
carbon oxides and methane formation are compared in Figures 15-19, which

show good agreement for a wide range of experimental conditions.

Frequently, the P /P;_I ratio in product gases from integral fluid-bed
2

systems for the gasif?g:tion of coal or coal char with steam-hydrogen con-

taining gases is greater than the equilibrium constant for the graphite-

hydrogen-methane system. This has often been interpreted as corresponding -
to a situation in which the coal or coal char has a thermodynamic activity

greater than unity with respect to graphite. The models proposed in this

paper offer two other explanations for this phenomenon: Rapid-rate methane

formation occurs when coal or coal char containing volatile matter is used

as a feed material. The methane yield resulting from this step is kinetically

determined, independent of methane's partial pressure. Under certain con- ya
ditions then, values of the ratio, PCH/Pi-IZ' greater than that corresponding

to the equilibrium for the graphite-hydrogen-methane system can result.

Values of the PCH4/P2HZ ratio greater than that corresponding to the equilibrium
considered can also occur for low-rate gasification of coal char according to

the model assumed in this study. This is illustrated in Figure 20, where the » N
results shown were based on computations of gas yields in a hypothetical

fluid-bed for char gasification with a pure steam feed gas, using the correla-

tions described above. The reason for the behavior illustrated is that, at

intermediate values of hydrogen partial pressure, the rate of Reaction III, .
which produces methane, is greater than the reverse rate of Reaction II in

which methane is consumed when a potential for carbon deposition by this
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reaction exists. The partial pressure dependencies defined in the correla-
tions developed are such, however, that, at sufficiently high hydrogen
partial pressures, Reaction Il dominates and equilibrium for this reaction

is approached.

The qualitative trends exhibited in Figure 20 and even the magnitudes
of these trends bear a striking resemblance to a similar plot given by
Squires!® to correlate the activities of coals and chars for equilibrium in

the char-hydrogen-methane system with temperature and pressure.
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SUMMARY OF NOTATION

A = nongasifiable matter in feed coal char (including ash and
some sulfur), g/g feed coal char
Cb = base carbon in coal char at an intermediate gasification
level, g/g feed coal char
o
Cb = carbon in the fixed carbon fraction of the feed coal char
as determined by a proximate analysis,, g/g feed coal
char
Cf = total carbon in the feed coal char as determined by an
i ' ultimate analysis, g/g feed coal char
Cv = volatile carbon in feed coal, g/g feed coal char
N fo = relative reactivity factor for low-rate gasification
f dependent on the particular carbonaceous solid
b
k fL = relative reactivity factor for low-rate gasification
\ dependent on the particular carbonaceous solid and
' \ pretreatment temperature
) fR = relative reactivity factor for rapid-rate methane
formation, dependent on the particular carbonaceous
solid
kT = overall rate constant for low-rate gasification, min~!
p— in=1
L\ kz(T)’ k3(T) = rate constants, min
N
— i in~!
kI’ kII’ kIlI = rate constants for Reactions I, II, and 11, min
¥, K, K = equilibrium constants for Reactions I, II, and III
1 1T III . : .
) considering carbon as graphite
l
: NA = concentration of species A at any time, mol/mol
’/ o base carbon ©
? No
, Ao = initial concentration of species Ao’ mol/mol base carbon
NA = concentration of species A, at any time, mol/mol base
¥ : carbon
PHZ’ PHZO’ PCO’ PCOZ’ PCI—L, = partial pressures of H,, H,0, CO, CO; and

CH,, atm
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< H 1

%R

Greek Symbols

o

time, min

reaction temperature, °R
pretreatment temperature, °R

volatile matter in feed coal char (including moisture),
g/g feed coal char '

weight of feed coal char, g

weight loss of coal char during gasification, g
total base carbon conversion fraction

base carbon conversion fraction after reaction in
rapid-rate methane formation stage is completed

kinetic parameter, dependent on gas composition and
pressure

k,(T)/k,(T) ratio

v noncarbon matter evolved along with base carbon,
g/g base carbon evolved
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